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Executive summary

Fischer Tropsch (FT) diesel derived from biomass via gasification is an attractive clean and carbon
neutral transportation fuel, and directly usable in the present transport sector. Previous research
indicated that FT diesel could be produced at 9.1 — 16.7 €500,/GJ (long — short term). Thus, without
exemption of excise duty and vat (11.6 and 3.5 €/GJ in the Netherlands), it cannot compete with fossil
diesel (Rotterdam product price over past five years was 2.6 — 7.0 €/GJ, BP 2002). These studies were
still of a strong explorative nature, bearing rough assumptions on process equipment performance,
ignoring the influence of process conditions on conversion and selectivity in the FT reactor, and rough
in the economic analysis. Furthermore these studies listed improvement options to bring the production
costs of bio FT diesel to a competitive level. Various essential system components are not
commercially available and require development over time.

The underlying study incorporates these improvements and refines the technical and economical
analysis. The main system efficiency improvements reside in combined production of FT liquids with
power, application of pressurised gasifiers, and in combining high selectivity with high conversion in
the FT reactor. Since about 75 % of the investment costs are in the pre-treatment, gasification and gas
cleaning section, the influence of the gasification pressure and medium (air / oxygen enriched air / pure
oxygen) on economies of both gasifier and downstream equipment are studied more closely. The scale
of the conversion system is expected to be an important factor in the overall economic performance,
but at the same time the perspectives for large throughput biomass gasifiers are (heavily) disputed.
Therefore, special attention is given to the technical perspectives for large-scale pressurised biomass
gasification. Furthermore insight is gained in the sensitivity of Fischer-Tropsch catalysts to
contamination in the biomass-derived synthesis gas, in necessary gas cleaning equipment to avoid
catalyst poisoning and ageing, and in reactor design.

System components necessary for FT production from biomass are analysed and combined to a limited
set of promising conversion concepts. The main variations are in gasification pressure, the oxygen or
air medium, and in optimisation towards liquid fuels only, or towards the product mix of liquid fuels
and electricity. The technical and economic performance is analysed. For this purpose a dynamic
model was built in Aspen Plus, allowing for direct evaluation of the influence of each parameter or
device, on investment costs, FT and electricity efficiency and resulting FT diesel costs.

A 400 MWy, input plant (or 168 MWEgrgny) applying conventional technologies is taken as the key
concept for further analysis. It consists of a 25 bar oxygen fired gasifier, followed by a tar cracker and
wet gas cleaning and a solid bed FT reactor with 70 % once through conversion. The Total Capital
Investment or TCI for this concept is about 286 M€, this complies with literature values found for grass
roots natural gas fed FT plants. A high conversion (90% of CO+H,) can be realised in once through
mode by application of a large reactor. Of course this results in higher capital costs, but since the
capital costs of the FT reactor are not crucial for the total capital investment, in total a higher
conversion leads to lower FT diesel production costs. Overall efficiencies for the best performing
systems are 40 — 45 % on HHV basis. With such systems FT liquids can be produced at 16 €/GJ.

System variations to the above named key concept give the following insights:

= Removing the 30 volume % CO, fraction prior to the FT reactor improves both selectivity and
efficiency, but due to the accompanying increase in investment this does not result in lower
product costs.

=  The efficiency for the dry gas cleaned concepts is slightly higher than wet cleaned concepts,
because the ceramic membrane more effectively shifts (since product is taken away) than the
traditional shift reactor, hence less steam is needed. This is outweighed by a slightly higher capital
investment, such that the resulting fuel price is the same.

= The oil scrubber effectively returns BTX and tars to the gasifier where they are cracked, but much
energy remains in methane, ethane and ethane, resulting in lower FT yields. The performance of
concepts with oil scrubber improves when adding a reformer, however, this turns out to be a more
expensive combination than a single tar cracker.

=  Application of a recycle loop instead of once through does not improve the production costs: The
continuous temperature leaps and product leaps (syngas partly to C;4 product, and than back to
syngas) lead to both a low selectivity and a low overall efficiency. Furthermore, the capital costs
are high.



The FT liquids production costs for the short term are still about two to four times the production costs
for Fossil diesel. Fossil diesel costs strongly depend on the oil price, and could go up. Green diesel
could be exempted from excise duty and VAT (11.6 €/GJ and 3.5 €/GJ in the Netherlands) to value the
environmental benefits of green FT diesel. The combined effect possibly makes FT diesel from
biomass competitive with fossil diesel.

On the longer term (~15 years), more cost improvements are foreseen. The combined effects of larger
production scale (2000 MWy,) and cheaper biomass (2 €/GJ) may bring the FT fuel production costs to
11.5 €/GJ. The technical and economical performance may be improved by for example developments
in oxygen production and gasification, application of catalytic tar cracking instead of thermal,
increased selectivity towards the desired product in FT synthesis. These technical developments
combined with technological learning (capital costs reduce with 15 % for the third generation plant)
bring the FT diesel costs to 9 €/GJ. Finally, green FT diesel seems more expensive than other biofuels
such as methanol or hydrogen, but preserves its advantages of better applicability in the existing
infrastructure.
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1 Introduction

The transportation sector represents about 86 EJ/yr or 21 % of the world’s primary energy consumption
and this share still increases (EIA 2002). Transportation fuels are, at present, predominately derived
from mineral oil, leading to greenhouse gas emissions. Concurrently the geographical imbalance
between major producers and large consumers raises questions on energy security and global social
stability.

Biomass derived transportation fuels have very low lifecycle CO, emissions if the biomass feedstock is
sustainably grown (Williams et al. 1995), and partly reduce local air pollution. Fischer-Tropsch (FT)
diesel from biomass via gasification is getting growing attention in recent years, as it offers a clean and
carbon neutral transportation fuel, directly usable in the present day transportation sector. Furthermore
FT diesel is — via onboard reforming — very suitable for fuel cell vehicles, because it is free of fuel cell
catalyst poisons.

Previous research (esp. Tijmensen et al. 2002; further den Uil et al. 2001; Arthur D. Little 1999)
indicated that FT diesel could be produced at 9.1 — 16.7 €Y/Gluny (long — short term). Thus without
exemption of excise duty and vat (11.6 and 3.5 €/GJ respectively in the Netherlands), it cannot compete
with fossil diesel (Rotterdam product price over past five years was 2.6 — 7.0 €/GJ, BP 2002). The
study of Tijmensen was — though more detailed than previous studies — still of a strong explorative
nature, bearing rough assumptions on process equipment performance, ignoring the influence of
process conditions on conversion and selectivity in the FT reactor, and rough in the economic analysis.
Also, Tijmensen listed improvement options to bring the production costs of bio FT diesel to a
competitive level. Various essential system components are not commercially available and require
development over time. The present study aims to incorporate these improvements and refines the
technical and economical analysis. The main system efficiency improvements reside in combined
production of FT liquids with power, application of pressurised gasifiers, and in combining high
selectivity with high conversion in the FT reactor. Since about 75 % of the investment costs are in the
pre-treatment, gasification and gas cleaning section, the influence of the gasification pressure and
medium (air / oxygen enriched air / pure oxygen) on economies of both gasifier and downstream
equipment will be studied more closely. The scale of the conversion system is expected to be an
important factor in the overall economic performance (see Larson and Marrison 1997; Faaij et al. 1998;
Hamelinck et al. 2001; Tijmensen et al. 2002; Sie and Krishna 1999), but at the same time the
perspectives for large throughput biomass gasifiers are heavily disputed. Therefore, special attention
will be given to the technical perspectives for large-scale pressurised biomass gasification. Previous
research also indicated that insight is needed in the sensibility of Fischer-Tropsch catalysts to
contamination in the biomass-derived synthesis gas, in necessary gas cleaning equipment to avoid
catalyst poisoning and ageing, and in reactor design (Wilhelm et al. 2001), however, many of the ruling
uncertainties have been taken away by recent ECN research (Boerrigter et al. 2002).

This study tries to answer what are/will be the technical and economic performances for bio FT diesel
production?, what price is feasible in the short, mid and long term?, and with which process
configurations? Furthermore, the study will indicate the RD&D priorities for eventual realisation of
the optimal configuration(s), and identify the most probable and most likely successful development
paths to get there.

To address these questions, the state of the art technology is extensively surveyed: In Chapter 2 all
necessary system elements are described and their development stage and improvement options
indicated. The most promising concepts are presented in a shortlist in Chapter 3. Chapter 4 describes
the technical modelling in Aspen Plus, to analyse the energetic performance. One extensive adjustable
computer model is constructed, with in its center an FT reactor which incorporates sensibility of
conversion extent and liquid selectivity towards different reaction mixtures and reactor conditions.
Special attention is given to the heat integration within the proposed plants. Results on efficiencies and
stream sizes will be used for economic evaluations in order to calculated fuel prices by factored
estimation in Chapter 5. This report is concluded by a discussion and conclusion.

' All costs in this report are in €5002. Energy is expressed on higher heating value basis.






2 System components

The basic steps in production of FT liquids (den Uil et al. 2001; Geerlings et al. 1999; Tijmensen et al.
2002) are depicted in Figure 2-1. After pre-treatment, biomass is gasified to produce synthesis gas
(biosyngas). This gas is cleaned and the composition is modified to fit the specifications for Fischer-
Tropsch synthesis in the FT reactor. FT offgas is recycled or combusted to produce electricity. The
liquid FT products are treated to yield gasoline (Cs-C;, hydrocarbons) and/or diesel.

Combinedcycle/ | ________________
boiler/steam turbine

A

h 4

Pre-treatment Gas cleaning Product D
i »
and gasification P and conditioning P FT reactor P recovery and
upgrading 0
» Heat

In this chapter the separate system units are described following their position in the plant.
Improvement options for efficiency or economics, at unit or plant level are indicated.

~~

Figure 2-1. Principle of FT liquids producing plant.

2.1 Pre-treatment and gasification

Several pre-treatment units precede gasification, such as drying and size reduction. For drying a
significant amount of energy is needed, which can be the FT process heat, or extracted from the plant
off gas or from the steam cycle. The efficiency of gasification increases with drier biomass (den Uil et
al. 2001; Hamelinck et al. 2001; Tijmensen et al. 2002; Faaij et al. 1998; van Ree et al. 1995), however
the hydrogen content of the produced syngas decreases, which may be unfavourable for the Fischer
Tropsch synthesis downstream, and costs increase quickly with very dry biomass. The resulting effect
of a certain extent of drying on the overall plant efficiency/costs is a priori unknown. For BIG CC
applications 10 — 15 % is the optimum (Faaij et al. 1998) and in this study a biomass moisture content
of 15% is assumed.

To prevent self-ignition and dust explosion of the chipped biomass prior to entering the gasifier the
biomass should be made inert. This may effectively be done by addition of steam (only in atmospheric
gasifiers) carbon dioxide, or nitrogen.

Many gasification methods are available for syngas production. Based on throughput, cost, complexity,
and efficiency issues, circulated fluidised bed gasifiers are very suitable for large-scale gas production.
A previous study ruled out direct gasification with air, because the nitrogen dilution strongly increases
downstream equipment size (Hamelinck et al. 2001), and it analysed the IGT (Institute of Gas
Technology) pressurised direct oxygen fired gasifier, and the BCL (Battelle Columbus) atmospheric
indirect fired gasifier. The present study focuses on direct-fired gasifiers and attempts to bring the
influence of gasification medium and pressure to light.

The economies of scale are very important for the technologies considered (Faaij et al. 1998).
Atmospheric CFB gasification up to 300 MWy, is technically feasible, but the upper technical limit to
capacity has never been explored as generally fuel supply is considered as limiting factor (Greil 2002).
Pressurised gasification may have economic advantages: the gasifier may be much smaller per
throughput, so that a larger maximum capacity is expected to be possible. Moreover, as no additional
compression is required, the temperature can be kept high for high temperature operations downstream.



At pressures above 25-30 bar gasifiers need to be constructed more heavily (or the throughput should
be kept small) and feeding becomes expensive. The present study limits gasification to 25 bar.

Gasification with oxygen as oxidative medium, offers benefits in downstream equipment size,
compression energy, and higher partial pressures for relevant components in FT. Pure oxygen is
expensive, but oxygen enriched air may combine the advantages of equipment size reduction and a an
less expensive medium. In the present study, the extremes ‘pure’ air and pure O, are to be studied, as
well as one intermediate. Steam (or CO,) replaces the heat capacity of nitrogen and serves fluidisation.

2.2 Gas cleaning and conditioning

The gas produced by gasification contains impurities, typical are the organic impurities tars and BTX
(benzene, toluene, and xylenes), the inorganic impurities NH;, HCN, H,S, COS, and HCI, and
furthermore, volatile metals, dust, and soot. Organic contaminations can be removed either by cracking
or scrubbing. When the tars and BTX are removed, the other impurities are removed by standard wet
gas cleaning technologies or advanced dry gas cleaning technologies.

2.2.1 Tars + BTX removal

In gasification, larger hydrocarbons are formed, generally categorised as ‘tars’. When condensing, they
foul downstream equipment, coat surfaces and enter pores in filters and sorbents. To avoid this, their
concentration must be below dew point at FT pressure. On the other hand they contain a lot of potential
CO and H,. They should thus preferably be cracked into smaller hydrocarbons. Fluidised beds produce
tar at about 10 g/myrp° or 1 — 5 wt% of the biomass feed (Boerrigter et al. 2002; Milne et al. 1998).
BTX (benzene toluene xylene; or volatile aromatics), accounting for 0.5 volume % of the syngas, have
to be removed prior to the active carbon filters, which otherwise sorb the BTX completely and quickly
get filled up (Boerrigter et al. 2002).

Three methods may be considered for tar removal/cracking: Thermal cracking, catalytic cracking, and
scrubbing. At temperatures above 1000 °C — 1200 °C, tars are destroyed without a catalyst, usually by
addition of steam and oxygen. Drawbacks are the need for expensive materials, soot production (Milne
et al. 1998) and the low thermal efficiency.

Catalytic cracking (dolomite or Ni based) is best applied in a secondary bed, and avoids the mentioned
problems of thermal cracking. However the technology is not yet fully proven (Milne et al. 1998) and
the catalyst consumption and costs are matters of concern.

Tars can also be removed at low temperature by advanced scrubbing with an oil based medium
(Boerrigter et al. 2002). The tar is subsequently stripped from the oil and reburned in the gasifier. At
atmospheric pressures BTX are only partially removed, at elevated pressure (from about 6 bar) BTX
are fully removed. The gas enters the scrubber at about 400 °C and leaves the unit at 100 — 80 °C, this
allows high temperature heat exchange before the scrubber.

2.2.2 Other contaminants removal

Now tars are absent, other impurities, such as NH3, H,S, COS, HCI, volatile metals, dust, and soot, can
be removed by standard wet gas cleaning technologies or advanced dry gas cleaning technologies.
Maximal acceptable contaminant concentrations for the cobalt FT catalyst are summarised in Table
2-1, together with the effectiveness of two gas cleaning methods.
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Table 2-1. Contaminant specification for cobalt FT synthesis”, and cleaning effectiveness of wet and dry gas

cleaning.

Contaminant

soot (dust, char, ash)

alkaline (halide) metals

Tar

BTX

Halide compounds
HCI (HBr, HF)

Nitrogen compounds

Gas phase
Specification

2
0 ppb?
2)

<10 ppb?
below dew
point at FT
pressure®:
catalyst
poisoning
compounds <
1 ppmV?
below dew
pointat FT
pressure?
2,3)

<10 ppb

total nitrogen

<1 ppmV

< 20 ppb
total N¥

Treatment method & remarks
Existing technologies Dry gas cleaning®

Cyclones, metal filters, moving beds, candle filters, bag filters, special
soot scrubber®

Specifications are met.

Active coal bed meets specification® Sorbents

Under development
Catalytic tar cracker,
other catalytic operations.
Under development.

Thermal tar cracker?,
Oil scrubber®®,
Specifications are met?.

removed by aqueous scrubber®? In-bed sorbents or in-stream

active coal bed meets specificationz) sorbents

absorbed by dolomite in tar cracker (if <1 ppm

applicable), Guardbeds necessary
All nitrogen:

catalytic decomposition,
combined removal of
NH3/H,S

NH; removed by aqueous scrubber? Selective oxidation
removed to specification®” Under development
HCN active coal bed?
possibly preceded by hydrolysis to NHz”
Specifications are met.
Sulphur compounds total sulphur All sulphur:
<1 ppmV? In-bed Calcium sorbents
<10 ppb Metal oxide sorbents
total ¥ <20 ppm
H.S ZnO guard bed?
in case of high sulphur loads a special
removal step, e.g. Claus unit.
cos active coal bed?
possibly preceded by hydrolysis to H,S”
Specifications are met.
K Gas turbine specifications are met when FT specifications are.
2 Boerrigter et al. (2002).
¥ Assumed by Tijmensen (2002).
4 Bechtel (Bechtel 1996).

5)

Hot gas cleaning was practiced in the Varnamo Demonstration plant, Sweden (Kwant 2001). All data on

dry gas cleaning here is based on the extensive research into high temperature gas cleaning by Mitchell
(Mitchell 1997; Mitchell 1998).

6)

Bergman et al (Bergman et al. 2002).

In dry gas cleaning, residual contaminations are removed by chemical absorbents at elevated
temperature. In the FT situation, hot gas cleaning has little energy advantages as the FT reactor
operates at 200 — 250 °C and especially when additional compression is required (efficient compression
requires a cold inlet gas). However, dry gas cleaning may have lower operational costs than wet gas
cleaning (Mitchell 1998). In the present study three gas-cleaning trains are applied, as depicted in

Figure 2-2.
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2.2.3 Gas conditioning

Early compression reduces the size of gas cleaning equipment, however, sulphur and chloride
compounds condense when compressed and may corrode the compressor. Therefore, intermediate
compression to 6 bar takes place after bulk removal and 60 bar compression after the guardbed.

The syngas can contain a considerable amount of methane and other light hydrocarbons, representing a
significant part of the heating value of the gas. Reforming is optional, to convert these compounds to
CO and H,, driven by steam addition over a nickel catalyst. In the present study, autothermal reforming
is applied, which is of simpler design than steam reforming, possibly cheaper (Katofsky 1993), and
able to prevent carbon deposition (Tijmensen et al. 2002). Different reforming technologies yield
different H,/CO ratios, but this influence is small when processing bio-syngas.

The syngas produced by CFB gasification (especially at atmospheric pressures) generally has a low
H,/CO ratio. Although Fischer Tropsch selectivity is favourable at a low ratio, for high conversion
effectively 2 H, are needed per CO. This can be realised by water gas shift with subsequent H,
separation.

Water in the FT reactor does not poison the catalyst, but acts as inert, thereby decreasing the partial
pressure of carbon monoxide and hydrogen. Therefore, prior to the FT reactor the syngas is cooled and
water is knocked out.

The syngas from the gasifier contains a considerable amount of CO,. After reforming or shifting, this
amount further increases. CO, is no reactant in the FT reaction (assuming no shift reaction) but its
presence negatively influences the Cs. selectivity. A physical absorption technology like PSA or
ceramic membranes may be applied to remove CO,. In PSA, both water and carbon dioxide are
removed simultaneously.

2.3 FT synthesis and upgrading, and recycling

2.3.1  FT synthesis

In the FT reactor a high selectivity for liquids should be combined with a high conversion. The growth
probability or selectivity, is largely catalyst dependent (Shell 2001) but depends furthermore on
temperature, local partial pressures of reactants and inerts, and the applied FT technology (Dry 1981;
Schulz 1999; Tijmensen et al. 2002). For example, o increases with decreasing H,/CO ratio, decreasing
reaction temperature and increasing pressure, and a is higher for Ru and Co catalysts relative to Fe
catalysts (Bartholomew 1990). Conversion depends especially on availability of reactants and the
reactor size.

There are three main kinds of FT reactors: the fixed bed reactor, the fluidised bed reactor and the slurry
phase reactor. Of all these reactor types commercial versions exist (Shell, Sasol). Comparisons between
the reactor types are broadly found (Bartholomew 1990; Sie and Krishna 1999; Tijmensen et al. 2002)
and summarised in Table 2-2. Some parties favour the fluidised bed, and some the slurry phase reactor.

13



Table 2-2. Factors determining reactor choice.

Construction
Heat exchange

Solids separation

Gas-liquid separation
Reactant distribution

Catalyst settling or
agglomeration

Catalyst deactivation

Loading/unloading
catalyst
Scale-up

Maximum capacity

Multi-tubular fixed bed

Complex”

limited conversion per
pass and large particle
size necessary to obtain
even temperature profilez)
not needed?

Difficult?

The top region (where the
syngas enters) acts as a
sulphur trap, whereas in
the bottom region almost
no sulphur is found but
water inhibition plays a
more important role.

difficult, shutdown
necessary?

relatively straight forward
by multiplying tubes?

Fluidised bed

Excellent heat transfer
results in isothermal
conditions?

Filtering may be
necessary?

Foam formation occurs®
Automatically lateral
mixed?

on-line?

More complex and more
costly, empirical scale-up
through demonstration
stage )

Slurry Bubble column

Simple"

Excellent heat transfer
results in isothermal
conditions®

Filtering is necessary?

Automatically lateral
mixed?

Too low velocities may
lead to concentration
gradient, insoluble
materials may deposit on
catalysts and hamper
proper suspension?
Sulphur poisoning and
water inhibition have
evenly effect over the
reactor (continuous
circulation), leading to 1.5
— 2 times higher
conversion loss than in
fixed bed. High costs of
cobalt catalysts
necessitates a more
effective sulphur removal®
on-line™?

Complex, but rational
scale-up possible?

2.5 — 6 times larger than
fixed bed (if reactor size is
weight limited)"?

2500 tonne/day (about
20,000 bbl/day) may be
achieved?

K Jager (1997).

2 Sie and Krishna (1999).
¥ Van der Laan (2000).

4 Espinoza (1999).
2.3.2 FT offgas

Conversion in the Fischer-Tropsch reactor is limited to a certain extent, depending on catalyst type and
reactor size and technology. The reactor product stream thus contains unreacted carbon monoxide and
hydrogen in addition to the FT products. The Cs, products are easily separated by a condensation step
and sent to the recovery and upgrading section. It is in general not economic to recover the very small
fraction of C4 (Bechtel 1998).

To maximise the production of FT liquids, the offgas containing unreacted H, and CO and produced
lower alkanes can be recycled to the entrance of the reactor. To limit the inert build up, the recycled
volume is maximally equal to the main stream. The recycle can contain a reformer to reconvert C, 4
back into syngas, and a shift reactor. Furthermore the FT off gas may be recycled to the catalytic or
thermal (1200-1400 °C) tar cracker, which will work as reformer. This latter option is only sensible
when the gasification pressure is the same as the FT pressure. Recycling the off gas to the gasifier may
be not sensible, because the gasification temperature is too low to reform methane. With higher once
through conversions in future, the recycling option could become obsolete.

Instead of maximised fuel production, the system can also be optimised towards combined fuel and

electricity production. In this case the syngas passes ‘once through’ the FT reactor. The FT offgas is
not recycled but completely purged to a combined cycle for electricity production. Investments are

14



lower and presence of inert is less problematic. Co-production of FT liquids and electricity may
combine a high overall efficiency with lower investment costs.

The hydrocarbon recovery plant recovers the Cs, naphtha, distillate and wax fractions for further
processing. First the Cs_y fraction is separated from the heavier products. Although the Cs_i fraction
cannot be applied as green petrol (too low octane number), it may have a high market value in the
future as it is suitable for FCV vehicles with onboard reformer/POX, and can serve as raw material in
green plastics production.

The waxy part of the raw synthesis product is selectively hydrocracked to the desired middle distillate

products. Simultaneously, the product is isomerised to improve the cold flow properties, and
subsequently fractionated in a conventional distillation column (Shell 2001).

15
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3 System selection

In Chapter 2 the building blocks for Fischer-Tropsch Diesel production have been discussed. Given all
the options for gasification, gas cleaning and conditioning, fuel synthesis and upgrading, and power
generation, many routes to produce FT Diesel can be imagined. Figure 3-1 depicts the many possible
combinations and choices.

Not all combinations may be sensible from efficiency or economic viewpoint. Besides, not all sensible
combinations can be modelled due to time constraints. Following considerations lead to a limited set of
configurations:

The research focus lays on maximised FT production, especially by applying optimised once
through conversion. In some concepts a recycle is applied.

The gasifier chosen in this study is a direct fired circulating fluidised bed (TPS like). Gasification
can be at atmospheric, intermediate, or high pressure (i.e. 1,6, and 25 bar, respectively). The
gasification pressure is limited to 25 bar because of constructional and engineering considerations.
The gasification medium is air, oxygen enriched air, or pure oxygen. The atmospheric air blown
gasifier serves as starting point.

Gas cleaning consists basically of tar removal and residual contaminations removal. Three
configurations are considered: Tar removal by thermal cracking, followed by wet or dry residual
cleaning, or tar removal by oil scrubbing preceding wet residual cleaning only. Wet cleaning to
remove residual contaminations consists of several water-based scrubbers. In dry cleaning,
residual contaminations are removed by chemical absorbents at elevated temperature. Although
dry high temperature gas cleaning is not expected to have energetic advantages, as compression
necessitates cooling anyway, and as the FT reaction itself runs at an intermediate temperature.
However, there may be operational advantages.

At atmospheric pressures an oil scrubber would remove BTX to a small extent only. Therefore,
after atmospheric gasification only a tar cracker is applied for tar removal. After elevated pressure
gasification, both tar cracking and oil scrubbing are evaluated. Heat recovery before tar removal —
in the case of oil scrubbing — is possible as long as the temperature remains above the tar
condensation or dew point (~400°C).

After atmospheric gasification the feed gas is compressed to intermediate pressures between tar
cracker and residual contaminations removal, and further to FT pressure after gas cleaning.
Elevated pressure gasification concepts need only one compression step: after the gas cleaning
train.

Water has to be removed, because as inert it hinders the FT synthesis. Removal is usually done by
condensation through compression and cooling. The sensitivity for inert presence is analysed by
incorporating a model in which water is not removed. Processes for CO, removal, such as Selexol
or amine type processes, also remove water.

Reforming is incorporated in the recycle stream of recycle options and may be applied in once
through options. The full recycle with tar cracker lacks a reformer, as all alkanes present will be
reformed in the tar cracker. The reformer is operated at 6 or 25 bar, higher pressures negatively
affect the equilibrium.

Hydrogen needs to be separated for hydro cracking in the upgrading section. Water gas shift and
separation can consecutively be done by a partial shift reactor followed by a pressure swing
adsorption unit, or concurrently by a ceramic membrane. Hydrogen separation takes place directly
preceding the FT reactor, in a side stream to limit the dimensions of reactors.

Dry gas cleaning is always combined with ceramic membranes to represent advanced
technological options; wet gas cleaning is followed by shift+PSA and represents conventional
technology.

It is assumed that CO, concentrations in the feed gas exceeding 10 % justify CO, removal, as
investment costs for chemical absorption increase inversely with decreasing CO, concentration
(Hendriks 1994). The combined physical/chemical absorption unit is placed just before the FT
reactor.

Both once through and recycle options are evaluated to investigate both optimisation towards FT
products, and combined FT and electricity production. The short recycle option basically produces
hydrogen from the off gas instead of the feed gas, to keep the hydrogen/carbon monoxide ratio
below the consumption ratio of these compounds over reactor length and for hydro cracking
purposes. A few full recycle concepts are included in which the tar cracker acts as a reformer for
lower alkanes. It must be remarked that in these cases a huge clean gas stream is pushed through
the gas cleaning section. To avoid accumulation of inert, recycle options are only evaluated for
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syngas from oxygen blown gasifiers. The full recycle is operated with both gasifier and FT reactor
at 25 bar. The recycle is maximally equal to the feed stream.

- Both fixed bed and slurry Fischer Tropsch reactor are analysed. Slurry reactors are CSTR type
rather than plug flow type, selection towards Cs. products is a function of the H,/CO ratio at the
reactor outlet, as described in § B.2, and staged hydrogen injection is not necessary.

- As the gas cleaning will be good enough to preserve the catalyst, cobalt catalysts are preferred
over iron catalysts, as cobalt catalyst gives a higher conversion.

- The FT reactor is operated at 60 bar when the feed gas stream contains much inert. The sensitivity
towards lower FT pressures (40 and 25 bar) in N, lean once-through options will also be
examined. In the short and full recycle options, the FT reactor is operated at 25 bar.

- The FT reactor produces a liquid flow with Cs, products and a gaseous flow with unreacted CO,
H,, and C;_4 products. All Cs and heavier go to the recovery and upgrading section. The FT off gas
may be partly recycled and the rest is directed to electricity production.

- Electricity is produced from off gas by a combined cycle, or a boiler followed by a steam turbine.
The choice for either configuration depends on the quality of the off gas (Hamelinck et al. 2001).

- For scale advantages it could be attractive to co-feed natural gas to the FT plant, or co-fire natural
gas in the gas turbine. The FT Diesel would become less ‘green’ but the economies of the green
part would become better, since the plant can be much larger. However, this project focuses on the
abilities for “stand alone” FT production.

- The heat produced on various places in the plant is carefully matched with the heat demand at
other places in the plant. Leftover heat is used to raise steam of different qualities, which is
eventually used for power production through a steam turbine. There are no net heat streams to or
from the plant.

These considerations lead to a selection of promising biomass to FT conversion concepts, summarised
in Table 3-2 and envisioned in Figure 3-1 through Figure 3-4. The main variations between these
concepts stem from the different gasifier configurations (Table 3-1) and the gas cleaning train (Figure
2-2). Some concepts represent the long term, while others are feasible at present with state of the art
technology.

Table 3-1. Gasifier configurations and corresponding FT reactor pressure, applied in this study.

Gasification medium Gasification pressure
1 bar 6 bar 25 bar
Once through
air 60 - -
enriched” 407160 407160 40”160
oxygen 252140760 2521407160 2521407160
Short recycle
oxygen 25 25 25
Long recycle
oxygen - - 25

K Consists of 80 % oxygen and 20 % air.

For sensitivity analysis.

The technical and economic performance of these concepts are analysed in the following section, for
small (80 MWy, input), intermediate (400 MWy,), and large (2000 MWy,) scale. The FT reactor
(catalyst) will be modelled performing state of the art, with a sensitivity analysis towards improved
catalysts.
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Table 3-2. Selected Fischer-Tropsch production concepts.

60 bar

[CO2 separatiofi

upgrading

Gasification Tar removal Reforming FT
Gas cleaning Shift and H, separation
Once through concepts
| air
1] 1 bar enriched
I} oxygen q (ATR reforming)
\ 6 bar enriched wi)t(cjlggnig side stream:
\% oxygen 9 shift reactor + PSA
M 25 bar Slised tar cracker
Vil oxygen o
: 1300 °C
VIl air
IX 1 bar enriched 60 bar
X oxygen q (ATR reforming)
- HX 400 °C ) :
Xl 6 bar enriched 8 R St side stream:
Xl oxygen y 9 Ceramic Membrane
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VI enriched i 15(;:(;11° o er wet cleaning h.fSI es r(-3a+mF.>SA
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XXl 1 bar 1300 °C g In recycle:
XXl 6 bar oxygen dTXcéltg::)niE ATR reformer 25 bar
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XXV 6 bar HX 400 °C In recycle:
Oil scrubber wet cleaning ATR reformer
XXVI 28 ey 100 °C shift reactor + PSA
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5 No reformer
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1300 °C o No reformer
XXVII 25 bar oxygen PSE 0 .C €I side stream: 25 bar
cleaning .
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Boiler with E
ISteam Turbing
A
y v
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Figure 3-1. Summary of possible process configurations for FT production.

l COo2
H20

Gombined Cycl

A

A

Shift
H2 separation

A

Tar removal

Boiler with
Steam Turbing

I

hydrogen

offgas

Compressor A4

A

Gasifier
1/6/25 bar
air/enriched/o»

gas cleaning
lompressor 6 bar

A 4

P Reformer

A 4

60 bar

Yes/no
CO2 separatiop

Product
recovery and
upgrading

A 4

P FT reactor

19

l Cco2
H20



Figure 3-2. Once through concepts.
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Figure 3-3. Short recycle concepts.
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Figure 3-4. Full recycle concepts.
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4 System modelling

To evaluate the chosen configurations, one general flowsheet is built in Aspen Plus, following the
scheme in Figure 3-1. By “opening or closing valves”, the different system configurations arise,
allowing efficient and quick modelling, and direct comparisons. Modelling assumptions are
summarised in Table D-1 in Annex D. The gasifier, reformer and gas turbine deliver heat, whereas the
dryer, gasifier, reformer, and shift require steam. The supply and demand of heat is added to or drawn
from the steam turbine, such that the surplus heat is turned into electricity.

Using a “gasifier databank”, different gasifiers can be ‘plugged’ into the plant (see Table 4-1). The
pressure and oxygen purity determine the amount of oxidation medium and steam. Relations from
literature determine the yields of methane and heavier components, the other products follow from the
water gas shift equilibrium, see footnotes under Table 4-1. It is also possible to choose between
differently performing FT reactors (catalysts) and different combined cycles, in aid of the sensitivity
analysis.

Table 4-1. Mass flows for circulating fluidised bed gasifier (850 °C), for different media and pressures. Input scale is
440 MW HHYV biomass (421 MW LHV). It is assumed that the results may be scaled linear towards other capacities.

Oxidative medium" Air Enriched air Oxygen
pressure (bar) 1.3 6 25 1.3 6 25 1.3 6 25

In (kg/s)

Biomass? 26.5 26.5 26.5 26.5 26.5 26.5 26.5 26.5 26.5
Oxidative medium®  32.5 30.2 28.0 8.50 7.76 7.09 6.79 6.21 5.67
Steam*? 0 0 0 14.7 13.1 11.6 11.0 9.68 8.49

out® (kgls)
H 0.661 0.559 0.462

2 0.808 0.663 0.533 0.791 0.648 0.520
CO 10.7 9.67 8.62

5.84 5.16 4.51 . 6.74 5.98 5.25

CO, 13.3 13.6 14.0 19.5 19.1 18.9 18.3 18.0 17.9
H.O 5.32 5.12 4.88 17.5 15.9 14.5 13.9 12.7 11.5
CH, 1.76 2.28 2.78 2.32 2.90 3.42 2.34 2.91 3.44
CoH,4 0.328 0.310 0.29 0.315 0.293 0.272 0.279 0.260 0.242
CeHs 0.365 0.346 0.33 0.351 0.326 0.303 0.311 0.289 0.270
N, 25.3 23.5 21.8 1.77 1.64 1.51 0.271 0.268 0.266
Tar” 0.338 0.338 0.338 0.338 0.338 0.338 0.338 0.338 0.338
Ash 0.428 0.428 0.428 0.428 0.428 0.428 0.428 0.428 0.428
C 0.551 0.551 0.551 0.551 0.551 0.551 0.551 0.551 0.551
Total (kg/s) 59.0 56.7 54.5 1 49.7 47.4 45.2 44.3 42.4 40.6

K Air at 450 °C, Enriched air (80 % O,) at 200 °C, oxygen (99.5 % O,) at 200 °C.

2 Feedstock is willow wood: moisture 15 wt %, ash 1.9 wt % d.b., C 49.9 wt % d.a.f.,, H 6.11 wt % d.a.f., O

42.9 wt % d.a.f. N 0.62 wt % d.a.f. HHV = 19.88 MJ/kg d.a.f. (Phyllis ).

It is assumed that carbon conversion is 95 % and heat loss is 2 % of the thermal input. The amount of

medium is adjusted such that the desired temperature is reached.

4 Steam at 450 °C.

5 Steam replaces the heat capacity of nitrogen.

& The water-gas shift reaction is assumed to be at equilibrium. Tar yield from gasification is assumed to be
1.5 wt % of the dry feed. Ethane and benzene concentration is the product gas are assumed to be 0.5 and
0.2 vol % respectively. The methane yield is assumed to be in pseudo-equilibrium (Liinanki et al. 1985):

13 _ 4
K-IOg[ P, ]:3‘0x10“ exp(%]

3)

Pcry

n Tar is defined as C14H+, represented in Aspen Plus by phenanthrene.

4.1 FT modelling

Selection and conversion in FT synthesis are a function of feed stream composition, pressure,
temperature, catalyst and reactor type and size. Figure 4-1 depicts how the influence of various
parameters is incorporated in the Aspen Plus model.

For high Cs, selectivity, the hydrogen/carbon monoxide ratio should be kept below the consumption
ratio of these compounds. For the solid bed reactor, which is of plug flow type, this inevitably leads to
a decrease of the actual ratio during conversion, such that selectivity and conversion rate change over
the reactor length. In the slurry reactor (CSTR type) the bulk is assumed totally mixed, so that every
local ratio equals reactor exit condition. In reality the gas phase behaves in plug flow.
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Figure 4-1. Schema for incorporation of selectivity and conversion in Aspen Plus model. The dashed line illustrates
that the Cs. selectivity is influenced by either entrance or exit concentrations, depending on the reactor type: solid
bed respectively slurry phase. It is also possible to fix the reactor dimension and calculate the conversion.

4.1.1  Selectivity

In literature, relevant relations for the selectivity depending on these parameters are mostly described in
a qualitative way. Selectivity e.g. decreases with hydrogen content, decreases with temperature, and
increases with pressure. Assuming that linear relations hold (within boundaries) for selectivity
dependency on temperature, ratio, and syngas pressure, the following general relation holds:

Ses, =C +C, - T+C, 1] +C,-([H,]+[cO)+Cs - pr Equation 4-1

[cO]

A least sum of squares fit with literature data (Dry 1981; den Uil et al. 2001) gives Equation 5-2.

Ses, =1.696-0.00241-T —0.0876 - LA +0.181-([H, ]+[cO])+0.00781- p,,

[co]

In the computer model, the selectivity for slurry reactors is calculated from exit conditions, and for
solid bed from entrance conditions, change of selectivity along the solid bed is assumed negligible. The
product distribution in the relevant range of Cs-C,y is assumed to obey the ASF distribution. The
relation between oo And Scs. can then be approached (see Annex C.2) by:

a=0.75-0373-,/-log(S.s,) +0.25-S ., Equation 4-3

Equation 4-2

Now the computer model can calculate the Cy_j9 from the ASF formula. The fraction C,. is redistributed
to 74 mol% C;, 16 mol% C,, 6 mol% C;, and 4 mol% C,4 (van der Laan and Beenackers 2000). Cy, is
expressed in weight fractions C,o and Cs,, by first calculating the average molecular mass (see Annex
C.4). H,O, CO,, and N, entering the reactor are considered inert, thus decreasing the partial pressures
of the reactants. Any hydrocarbons entering the reactor (after recycle) are inert as well and will not
grow to longer chains.

4.1.2 Conversion

The reaction rate determines the conversion extent or the reactor size. Many different relations for
reaction rate are found in literature, for different catalysts and sometimes incorporating water
inhibition. Yates and Satterfield (1991) extensively reviewed Fischer-Tropsch over cobalt kinetic
studies and found the following form to describe best the reaction:

a*Pco P

— RCO = LHZZ Equation 4-4
(1 +b- pco)

with -R¢o = Carbon monoxide consumption rate in mol/(s-kg,;)
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Pco, Pz = partial pressure of CO or H, in bar

The computer model calculates the reaction rate in the slurry reactor from the exit conditions. The rate
in solid bed reactors is interpolated between rates at reactor entrance and exit. Kinetic parameters used
for modelling in the present study are given in Table 4-2.

Table 4-2. Kinetic modelling parameters”.

V]

(mol/(s-kgearbar?)) k. -ex A,reaction
0 p R-T
—AH
(in 1/bar) k, -exp| ——&
R-T
(J/(K-mol)) 8.31
(K)
Solid bed reactor Slurry reactor
(kJ/mol) -682 1152
(mol/(s-kgearbar?)) 1.2:10° 1.0-10"
(kJ/mol) 1929 192
(1/bar) 3.510% 3.510%
(KGoa/ M’ eactor) 1200 ¥ 600

2)

3)
4)

Yates and Satterfield give values for the kinetic rate constant and adsorption rate constant in Equation 5-4,
for Co catalysts in slurry at 220 and 240°C (Yates and Satterfield 1991, Table V). These values may not be
used to calculate the Ex and AH,gs, because of the small temperature range. However, with known E, and
AH,4s (see notes 2 and 3), ko and k4 can be calculated.

The apparent activation energy for the FT reaction depends strongly on diffusion limitation, which in turn
depends on catalyst formulation and structure. When the catalyst particles are very small (slurry reactor),
the reaction is not diffusion limited and the measured activation energy is about 100 kd/mol for Co catalysts
(Yates and Satterfield 1991). Under diffusion limitation (large pellets in solid reactor) the apparent
activation energy is about half of the E, without diffusion limitation (small pellets in slurry reactor). Values
from Iglesia et al. (Iglesia et al. 1993, Table VII).

(van der Laan 1999, Figure 2.1).

Pure catalyst weights 2 kg/l, solid bed has a porosity of ~40 vol %. Concentration in the slurry phase is
assumed 30 vol % or 0.6 kg/l (Sie and Krishna 1999).
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5 Economic calculations

Concurrent with the Aspen Plus technical performance calculations, an economic evaluation is carried
out for the each concept. The Fischer-Tropsch Diesel production costs are calculated by dividing the
total annual costs of a system by the produced amount of fuel. The total annual costs consist of annual
capital investments, operating and maintenance (including maintenance, consumables, labour, waste
handling), biomass feedstock and electricity supply / demand (fixed power price). Relevant parameters
to calculate these costs and the resulting FT fuel costs, are given in Table 5-1.

Table 5-1. Parameters for the economic evaluation”.

Interest rate 10 %
Economical lifetime 15 years
Technical lifetime 25 years
Operational costs?
Maintenance 3 % of Total Capital Investment
Labour 0.5 % at 400 MW HHYV input decreasing with scale (R = 0.25)
Dolomite 8.7 M€ at 400 MW HHYV input linear with scale
Gas cleaning wet: 0.5 % of TCI, dry: 0 %
Insurance 0.1 % of TCI
Biomass” 3 €2002/GJnny (short term) - 2 €2002/GJpny (long term)
Electricity 0.03 €/kWh
Annual load 8000 hours

)

2 Most of these parameters come from Hamelinck et al. (2001).

A breakdown of operational costs for BIG/CC was applied by Faaij et al. (1998): Maintenance costs are 3
% of Total Capital Investment. Operation costs depend on labour (Dierendonck 1990), catalyst and
chemicals consumption, residual streams disposal, and insurance. Labour costs decrease with scale and
are 0.5 % of the TCI for a 400 MW HHYV input. Dolomite costs are 50 €/tonne, dolomite use is 0.3 kg/kg
clean dry wood. At 400 MW HHYV input the annual biomass throughput is 0.56 Mtonne. Wet cleaning costs
are in waste water treatment and NaOH consumption, while dry residuals are assumed suitable for
construction. Insurance is 1 % of annual depreciation.

Prices of delivered cultivated energy crops and forrest thinnings in Western Europe amount currently 3-5
€/GJuny, United States 2.3-3.3 €/GJuny, and at some Latin American locations even lower costs are
possible 1.2 - 2 €/GJuyny (Bauen 2001; Perlack et al. 1995). Improved crops and production systems are
expected to bring the biomass price to the 1.6-2.1 €/GJuny range (United States, Turkenburg 2000).

3)

The total capital investment, or TCI, is calculated by factored estimation (Peters and Timmerhaus
1980; Hamelinck et al. 2001, and Annex F to this report), based on known costs for major equipment as
found in literature or given by experts. The uncertainty range of such estimates is up to £+ 30 %. Usually
the TCI follows from multiplying the total purchased equipment costs by a factor to yield the Inside
Battery Limit (ISBL)?, adding the costs of the Outside Battery Limit (OSBL) to yield the direct costs,
adding indirect costs to yield the fixed capital investment, and finally adding working capital and start-
up costs. However, the advised method cannot be followed entirely as base equipment costs in
literature may be anywhere between f.0.b.* and total installed capital, and often a specific overall
installation factor is given to yield the TCI of that piece of equipment.

Therefore the TCI is first calculated for each separate unit, and later all unit TCIs are added up. The
unit TCI depends on the size of that unit (which follows from the Aspen Plus modelling), by scaling
from a known scale (see Table 5-2). Various system components have a maximum size, above which
multiple units will be placed in parallel. Hence the influence of economies of scale on the total system
costs decreases. This aspect is dealt with by assuming that the base investment costs of multiple units
are proportional to the cost of the maximum size: the base investment cost per size becomes constant.
After scaling, the TCI of each component is found by multiplying the scaled base cost by an
installation factor.

The given numbers must be used carefully, as the base equipment costs in literature are often ill
defined. Also the applied percentages for additional costs differ greatly between studies. Of course
these percentages depend on the specific location: OSBL costs in industrial areas may be lower since

2 Inside Battery Limits only deals with the purchase and installation of process equipment, piping, instrumentation,
controls, process buildings, etc. Outside Battery Limits includes utilities such as power distribution, steam plants,
instrument air systems, sewers, waste water treatment, tankage, cooling towers, control buildings, land, etc.

® Free on board: the price of a traded good after loading onto a ship but before shipping, thus not including
transportation, insurance, and other costs needed to get a good from one country to another (Bannock et al.
1998); cost of equipment ready for shipment from supplier.
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the necessary infrastructure is readily available. E.g. a Middle East location will differ greatly from a
Western Europe location and OSBL are higher. All the factors to calculate TCI from purchased
equipment are expected to be very dependent on scale, as ISBL relatively decreases with scale because
of increasing process integration and OSBL decreases because certain off-sites have a fixed same scale
for both small and large plants. However, no literature was found on this subject, therefore the
influence of scale and/or location on the overall installation factor is generally not incorporated in the
present study. Only where the composition of the installation factor (in direct, indirect, working capital
and start-up) is known, the direct costs part of the overall installation factor is decreased with scale

(average R-factor is 0.82, derived from Faaij et al. 1998).

Table 5-2. Costs of system components in M€,".

Unit Base cost Scale Base Scale Overall Maximum
Factor installatio  Size ®
n factor ¥
Pre-treatment
Conveyers ¥ 0.41 0.8 33.5 wet tonne/hr 2.0 110
grinding ¥ 0.48 0.6 33.5 wet tonne/hr 2.0 110
storage ¥ 1.16 0.65 33.5 wet tonne/hr 2.0 110
dryer? 8.5 0.8 33.5 wet tonne/hr 2.0 110
iron removal ® 0.43 0.7 33.5 wet tonne/hr 2.0 110
feeding system % 0.48 1 33.5 wet tonne/hr 2.0 110
Gasification System
CFB gasifier 8 443 0.7 68.8 dry tonne/hr 1.69 75
Air separation unit 99.5 % O, 27.9 0.75 576 tonne/day O, 1.3 3200
Oxygen compressor’’ 18.1 0.85 13.2 MW, 1.86 -
Gas Cleaning
Tar cracker ¥ 3.6 0.7 34.2 m¥s gas 2.0 52
Oil scrubber 1.64 0.7 14.7 m’\rels gas 1 -
Cyclones ¥ 3.0 0.7 34.2 m%s gas 2.0 180
High-temperature heat exchanger 8.1 0.6 138.1 MWy, 1.84 -
Particle filters ¥ 1.9 0.65 12.1 m%s gas 2.0 64
Scrubbers ¥ 3.0 0.7 12.1 m%s gas 2.0 64
Dry gas cleaning '” 35.8 1.0 74.1 m¥s gas 1.86 -
Guard beds (ZnO + active C)"" 0.024 1.0 8.0 m*\rp/s gas 3
Syngas Processing
Compressor '? 12.9 0.85 13.2 MW, 1.86 -
Autothermal reformer ™ 31.1 0.6 100 m*yre/s 2.3 -
Shift reactor " 12.2 0.65 8819 kmol CO+H,/hr 1.81 -
PSA units A+B ' 32.6 0.7 9600 kmol feed/hr 1.69 -
Ceramic membrane '® 25.2 0.8 17 tonne Hy/hr 1 -
Selexol CO, removal ' 63.0 0.7 9909 kmol CO,/hr 1 -
Fischer-Tropsch Production
Solid bed gas phase FT 60 bar *® 25.3 1 208 m® 1.30 -
Slurry phase FT 60 bar ' 36.5 0.72 362 m’ 1 365
Product upgrading 2” 233 0.7 286 m’sr/hr 1
Power Isle *"
Gas turbine + HRSG *#? 22.0 0.7 26.3 MW, 2.0 -
Steam turbine + steam system **® 5.9 0.7 10.3 MW, 2.0 -
Expansion turbine 2 5.0 0.7 10.3 MW, 2.0 -

2)

3)

4)

5)

6)

7)

8)

Annual GDP deflation up to 1994 is determined from OECD (1996) numbers. Average annual GDP
deflation after 1994 is assumed to be 2.5 % for the US, 3.0 % for the EU. Cost numbers of Dutch origin are
assumed to be dependent on the EU market, therefore EU GDP deflators are used. 1 €002 = 0.88 US$2002.
Total pre-treatment approximately sums up to a base cost of 11.46 €5, at a base scale of 33.5 tonne
wet/hour with an R factor of 0.79.

Based on first generation BIG/CC installations. Faaij et al. (1995) evaluated a 29 MW, BIG/CC installation
(input 9.30 kg dry wood/s, produces 10.55 myrpe° fuel gas/s) using vendor quotes. When a range is given,
the higher values are used (Faaij et al. 1998). The scale factors stem from Faaij et al. (1998).

Two double screw feeders with rotary valves (Faaij et al. 1995).

Direct costs are 29.74 MUS$4991 for a 1650 dry tonne/day input IGT gasifier, R = 0.7 (Williams et al. 1995).
Maximum input is 400 MWy, HHV (Tijmensen et al. 2002).

Various cost numbers with a large distribution are found in literature (van Dijk et al. 1995; Williams et al.
1995; Larson et al. 1998; Bechtel 1996; Tijmensen et al. 2002), see Annex A. Here the cost number from
Tijmensen (2002) is used because it bests fits the real oxygen cost price (Kirschner 1999): Direct costs are
27.9 M€y, for a base scale of 576 tpd oxygen of 99.5 % purity, 1 bar, the overall installation factor is
constant 30 %, R = 0.75. It is assumed that oxygen of 95 % purity is 5 % cheaper; oxygen of 80 % purity
for the scale considered here, will always be mixed from 95% O, and air, and thus barely has cost
advantages. The highest maximum scale found to date is 3200 tpd (Shell Bintulu, see Wilhelm et al. 2001)
Because of explosion risk, oxygen is compressed in a non-lubricated compressor, which is 1.4 times more
expensive than lubricated compressors (Livingston 1993).

OLGA technology (Bergman et al. 2002). Cost numbers are assumed by the authors.
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9)

10)

11)

12)

13)

14)

15)

16)

17)

18)

19)

20)

21)

22)
23)

24)
25)

26)

High temperature heat exchangers following the gasifier and (in some concepts) at other locations are
modelled as HRSG's, raising steam of 86 bar/510 °C. A 39.2 kg steam/s unit (i.e. transferring 138.1 MW,,)
costs 6.33 MUS$,g97 f.0.b., overall installation factor is 1.84 (Larson et al. 1998), which is assumed to
consist of 22 % added direct costs (vary with scale) and 50 % added indirect costs (constant), see note 25.
Tijmensen (2002) assumes the f.0.b. price for Hot Gas Cleaning equipment to be 30 MUS$,400 for a 400
MWy, HHV input. This equals 74.1 m*/s from a BCL gasifier (863 °C, 1.2 bar). There is no effect of scaling.
The installation factor is taken from Faaij et al. (1998) but for 400 MWy, input scale (decreased added direct
costs), see footnote 25.

For 427 MWy, LHV biomass input concepts Tijmensen (2002) assumes that 1 wt% of the fuel S enters the
ZnO bed, and two guard beds of 3 m?® are required. These beds consist of 2300 kg steel, at a steel price 20
Dfly000/kg, so that each guard bed will cost 50.000 Dflygg f.0.b., or 150.000 Dflygqo installed. Tijmensens 70
MWy, LHV (13 dry tonne/hour biomass, assumed gas yield 100 kmol/dry tonne) corresponds to a local gas
flow of 8.0 m°re/s.

Katofsky (1993) assumes compressors to cost 700 US$ge3 per required kWmeen, With an installation factor
of 2.1. The relation used in the present study stems from the compressor manufacturer Sulzer quoted by
Tijmensen (2002). At the indicated base-scale, total installed costs are about 15 % higher than assumed by
Katofsky. Multiple compressors, for fuel gas, recycle streams, or hydrogen, are considered as separate
units. The installation factor is taken from Faaij et al. (1998) but for 400 MWy, input scale (decreased added
direct costs), see note 25.

Hamelinck (2001) based on Katofsky (1993) assumes 4.7 MUSS$,001 with an overall installation factor of 2.3
for an 1390 kmol total/hour (8.8 m NTp/s) unit, R=0.6, where Bechtel (1991 1994) gives a total capital
investment of 20.52 MUS$1gq, for an ATR unit of 364.7 MMscfd (120 m*\rpe/s) gas feed, which is almost
tW|ce as costly. Here we assume the average between the two: 31.1 M€ total capital investment for a 100
m®ure/s unit, R=0.6. The installation factor is assumed to consist of variable direct costs (53 % in base
case) and fixed indirect costs (50 %), see note 25.

Cost numbers from Williams (1995) are used: 9.02 MU$1g95 for an 8819 kmol CO+H,/hr reactor overall
installation factor is 1.81 and R = 0.65. Hendriks (1994) writes that a reactor of 350.000 m Sure/hr total gas
(CO+H, is 93.3 %, this gives 14.6 Mmol/hr CO+H,) costs 30 MUS$g4 installed (no R given) which
corresponds with the line from Williams. Hendriks also gives an annual (sulphur tolerant) catalyst use of 0.7
MUSS$1004, but considers this to be part of the operational costs. Numbers from Tijmensen (2002) are
considered too low: 0.95 MDfl,o for direct costs plus engineering (add 30 % to obtain total capital
investment) for a 2400 kmol/hr unit, R = 0.6.

PSA units (excluding the recycle compressor) cost 23 MUS$g93 for a 9600 kmol feed/hour throughput,
R=0.7 (Katofsky 1993).

Membrane costs 68 US$g9;/(kW/bar), but these costs are only 9 % of the total installed cost for a
Hydrogen Separation Device. Investment costs stem from Parsons I&TG (1998). The economies of scale
of the membrane surface are low because the required surface area is proportional to the throughput, this
slightly influences the overall R factor of the complete HSD.

Costs for CO, removal through Selexol amounts 14.3 MUS$.493 fob (overall installation factor is 1.87) for an
810 kmol CO,/hr unit, R=0.7 (Katofsky 1993) up to 44 MUS$.g, installed for a 9909 kmol CO/hour unit
(Hendriks 1994). The value from Hendriks is assumed to be right, since his research into CO, removal is
comprehensive.

FT Gas phase reactor operating at 40 bar costs 35 MDflx00 (dlrect costs + engineering) for a production of
100 MW¢er HHV (CO conversion = 150 mol/s, and —R¢o = 6.03- 10 mol/s- kgeat, thus reactor volume is 208
m® CNH), R = 1, there is no maximum scale, add 30 % to obtain total capital investment (Tijmensen et al.
2002). For operation at 60 bar and same volume, costs increase by 50 % (reactor with thin wall: thickness
linear with pressure).

19.995 MUS$ 1906 ISBL or 34.6 MUS$+g06 “Total Costs” (includes offsites, HOService/Fee and contingency)
here assumed to be total capltal investment, for a FT slurry reactor train of three 362 m® reactors at 25.2
bar, each yielding 295 m FT/day or 131 MWt (Bechtel 1996), the installation costs of one 362 m® reactor
thus is 15.2 M€,002. Operation at 60 bar makes the installation 2.4 times more expensive (see note 18).
Tijmensen (2002) assumes that a hydrocracking unit has installed costs (=Total capital investment, CNH)
of 17.05 MDflyog0 (8.22 M€202) per 2000 bbl/day or 11352 GJcs- per day (13.2 m3/hr) but does not specify
further, his source is confidential. According to Bechtel (1996) a wax hydrocracking plant of 475 Mibs/hr of
FT diesel+gasoline product (286 mgr/hr) costs 71.5 MUS$iees total capital investment, furthermore a
distillate hydrotreater (29.1 MUS$1906), @ naphtha hydrotreater (9.8), a naphtha reforming plant (49.3), a C4
isomerisation plant (7.2), a Cs/Cs isomerisation plant (11.2), a C3/C4/Cs alkylation plant (41.2), and a
saturated gas plant (9.2) are necessary, thus summing up to 233 M€,y,. Thus upgrading costs in Bechtel's
study are 1.3 - 3.3 (at R = 1 - 0.7) times Tijmensen’s values. Here we assume that the Bechtel numbers
are right.

For indication: A complete Combined Cycle amounts about 830 US$14e7 per installed kW.. Quoted from
(Solantausta et al. 1996) by (Oonk et al. 1997).

Scaled on Gas Turbine size.

Steam system consists of water and steam system, steam turbine, condenser and cooling. Scaled on
Steam Turbine size.

Expansion turbine costs are assumed to be the same as steam turbine costs (without steam system).
Overall installation factor. Includes auxiliary equipment and installation labour, engineering and
contingencies. Unless other values are given by literature, the overall installation factor is set 1.995 for a 70
MWy, scale (Faaij et al. 1998). This value is based on 33% added direct costs to installed equipment
(instrumentation and control 5%, buildings 1.5% grid connections 5%, site preparation 0.5%, civil works
10%, electronics 7%, and piping 4%) and 50 % added indirect costs to direct costs (engineering 15%,
building interest 10%, project contingency 10%, fees/overheads/profits 10%, start-up costs 5%). The added
direct costs part of the overall installation factor decreases with scale (average R-factor is 0.82).

Maximum sizes from Tijmensen (2002), unless indicated otherwise.
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6 System performance

6.1 Physical and economic performance

In Section 3 the most promising FT concepts were listed. Here we analyse the technical and
economical performance of these concepts, in order to find the best configuration(s). Results for the
first group of 7 once through concepts are given in Figure 6-1. These concepts apply a tar cracker and
conventional wet gas cleaning, but no reforming. Obviously, the production of FT fuel becomes
cheaper with increasing gasification pressure and oxygen purity. This coheres with both a decreasing
total capital investment (Figure 6-1) and an increasing plant efficiency (Figure 6-2). Capital costs
decrease for a large part because of decreasing gas volume in the cleaning section, the extra costs for
oxygen compression are more than outweighed by reduced compression costs downstream. The plant
efficiency increases because at the higher partial reactant pressure, the selectivity for desired product is
higher (at same fixed conversion) even though at atmospheric and air gasification significantly more
CO+H, is produced (Table 3-1), and also because the internal power needs decrease with higher
gasification pressure and less nitrogen dilution.
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Figure 6-1. Annual costs (bars) and resulting FT liquids production costs
(bullets), for different gasification configurations (air, enr and ox stand for air
blown, oxygen enriched air blown and oxygen blown). Fixed settings: 400 MWj,
input scale, tar cracker, wet gas cleaning, no reforming, once through FT, 70 %
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Figure 6-2. Product selectivity (bars) at 400 MW HHYV input, and resulting overall
plant fuelt+electricity efficiency (diamonts) for different gasifier configurations.
Fixed settings: tar cracker, wet gas cleaning, no reforming, once through FT, 70
% conversion.
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Slurry phase and solid bed reactors perform the same, in the rest of this analysis we only discuss solid
bed reactors, as similar results can be expected for slurry phase.

Total Capital Investment for the 400 MWy, yny input plant (or 168 MWer gy output) is about 286 ME.
Without the pre-treatment and gasification section and with a reduced gas cleaning section, the TCI
would be 93.3 M€ or 554 €/kWgr. This can be compared with the TCI for grass roots natural gas fed
FT plants, reported to amount 300 MUSS$,497 for a capacity of 10,000 bbl/day (740 MWt uny) or 521
M€/GWer (Jager 1997), and 750 MUSS$,p for a 222 GWger, uuv plant or 394 M€/GWer
(Ghaemmaghami 2001). Taking in account the scale disadvantage, the TCI found thus complies with
literature values.

The capital build up for the extremes of these configurations is given in Figure 6-3. The gas cleaning
costs, which make out a large part in atmospheric air fired concepts, are strongly reduced in pressurised
oxygen fired concepts, where — naturally — the costs for oxygen production and compression play an
important role. The shares of costs for pre-treatment, gasifier and power generation grow, but remain
equally distributed.

1.3 bar, air 25 bar, oxygen

Pre-treatment

Pre-treatment

Power generation

Power generation

Gasifier

FT upgrading Gasifier

FT upgrading
FT production
FT production

Syngas processing Gas cleaning Syngas processing

Gas cleaning Oxygen

Figure 6-3. Capital break down for two once through concepts: based on air fired
atmospheric gasifier (left) and based on oxygen fired 25 bar gasifier (right). Fixed
settings: tar cracker, wet gas cleaning, no reforming, solid bed FT, 70 %
conversion.

So far, the CO+H, conversion in the FT reactor was set to 70 %. A higher conversion can be realised
by a larger reactor, leading to higher capital costs. Since the capital costs of the FT reactor are not
crucial for the total capital investment, a higher conversion leads to lower FT diesel production costs,
see Figure 6-4.

According to the graph, the lowest costs are reached at total conversion, this stems from the assumption
that reaction rate is constant (the average between entrance and exit reaction speed) over the length of
the reactor. Of course, as CO and H, disappear over conversion, the reaction rate decreases rapidly

100%
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Figure 6-4. FT liquids production costs as a function of conversion extent and
degree of shift for 25 bar oxygen gasification (bullets) at 400 MWy,. Below area is
hydrogen shortage, above area is carbon monoxide shortage. Fixed settings: tar
cracker, wet gas cleaning, no reforming, once through FT.
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when approaching full conversion, leading to exponential reactor size increase for the last converted
reactants. We assume that at 90 % conversion, the entrance-exit-averaged reaction rate is just still
representative for the volume-averaged reaction speed. A 400 MWth input system applying
conventional technologies can thus produce FT diesel at 16.1 €/GJ, which corresponds to the 14.8 €/GJ
(31.2 DAl5000/GJ) found by Tijmensen for a similar system at the same scale.

The fraction CO, before the FT reactor is about 30 volume %, removing this fraction improves both
selectivity and efficiency, but due to the accompanying increase in investment this does not result in
lower product costs (see Figure 6-5). The efficiency for the dry gas cleaned concepts is slightly higher
than wet cleaned concepts, because the ceramic membrane more effectively shifts (since product is
taken away) than the traditional shift reactor, hence less steam is needed. This is outweighed by a
slightly higher capital investment, such that the resulting fuel price is the same. The oil scrubber
effectively returns BTX and tars to the gasifier where they are cracked, but much energy remains in
methane, ethane and ethane, so that the FT yield is low. The performance of concepts with oil scrubber
improves when adding a reformer, however, this turns out a more expensive combination than a single
tar cracker. Overall efficiencies for the best performing systems are 40 — 45 % on HHV basis.

The recycle is operated at 70 % conversion of CO+H, per pass, 50 % of the off gas is recycled so that
overall conversion is about 90 %, like in the once through concepts. The FT pressure is decreased to 25
bar to avoid very large pressure leaps. Nevertheless the continuous temperature leaps and product leaps
(syngas partly to C,4 product, and than back to syngas) lead to a both low selectivity and low overall
efficiency, and the capital costs are high. The FT 25 bar once through concepts is included to show that
the lower operation pressure contributes only marginally to the increased FT liquids production costs.
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Figure 6-5. Variations on the key concept (25 bar oxygen gasification and 90 %
CO+H, conversion), applying other gas cleaning trains, reforming and/or CO,
removal, once through or recycle mode. The overall (fuelt+electrical) HHV
efficiency is indicated.
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The influence of scale (see Figure 6-6) is examined for both wet and dry cleaned concepts. It is found
that at large scale, FT diesel production costs can drop below 14 €/GJ. The resulting overall scale factor
for both concepts is found to be 0.78 (Tijmensen assumed 0.91). The efficiency advantage of dry
cleaned concepts does not lead to lower costs at larger scales, compared to wet cleaned concepts.
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Figure 6-6. Influence of scale on relative investment costs (bars, left axis), and
resulting FT liquids production costs (bullets, right axis) for wet and dry cleaned
concepts. Fixed: 25 bar oxygen fired gasification, Tar cracker, no reforming, once
through 90 % conversion.

The uncertainty of this economic evaluation mainly follows from the £ 30 % uncertainty on capital
investment, which directly acts on Operating and Maintenance. Figure 6-7 shows that this results in +
18 % uncertainty in the FT fuel costs. The biomass price (+ 30 % uncertainty) brings + 13 %
uncertainty in the FT fuel cost. The calculated efficiency has a much lower uncertainty (assumed to be
+ 5 %) acting on the produced amount of FT fuel and electricity. Its influence on the FT fuel cost is
small. Also uncertainties in the electricity price (= 10 %) have little influence on the FT product.
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costs. Fixed: 400 MWy, input system, 25 bar oxygen fired gasification, Tar
cracker, wet cleaning, no reforming, once through 90 % conversion.
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6.2 Towards the ultimate concept

In the previous paragraph it was shown that, at present, FT diesel could be produced at 16.1 €/GJ by
applying conventional technologies, at the reasonable scale of 400 MWy, input. This is still about four
times the production costs for fossil diesel, which are about 2.6 — 7.0 €/GJ (BP 2002). However, as fuel
production costs are only about one-third of the sales price, FT diesel from biomass can become
competitive with fossil diesel when the fuel is (partly) exempted from excise duty and VAT (11.6 €/GJ
and 3.5 €/GJ, respectively, in the Netherlands).

Looking at the longer term (~15 years), more (cost) improvements are possible. Production at a larger
scale may bring the FT fuel costs to below 14 €/GJ (recall Figure 6-6). Furthermore, the biomass price
may drop to 2 €/GJ, decreasing the FT production costs to 14 €/GJ (at 400 MWy, input) or even 11.5
€/GJ (2000 MWy,). Many technical developments may also improve the overall economic system
performance, several of these are summarised in Table 6-1. Technological learning could reduce capital
costs with 15 % for the third generation plant built, which reduces the FT costs with about 9 %. A
major breakthrough would be the development of catalysts that would selectively produce a desired
product fraction, e.g. the diesel fraction, avoiding the large amount of longer chain hydrocarbons that
have to be cracked down again. If this pure ‘diesel’ selectivity could be realised, the upgrading section
could be much cheaper or may even be omitted, implying another 5 — 10 % total capital cost reduction.
The joint effect of large scale, technological learning, and selective catalyst brings the FT diesel costs
to 9 €/GJ.

Table 6-1. Options that may improve the technical and economical performance.

Near term Long term perspective Impact

Oxygen production Cryogenic separation more efficient, Limited
energy use could decrease from 300
kWhe/tonne to theoretical minimum of 30
kWhe/tonne (van Ree 1992)
Gas turbine driven membrane separation  Significant
cheaper”, however, availability of this
technology is unknown

Gasification High carbon conversion or recover 2-3 %-
energy from char in ash points on
gasification
efficiency
Tar removal Catalytic tar cracker operating at lower High

temperature: 900 °C instead of 1300 °C
Physical/chemical instead of thermal tar High
removal technologies

FT catalyst o Slightly higher Limited
Selectivity towards desired product Cq. Very high
20, €.9. by sterical hindered catalysts,
thus decreasing upgrading costs

Gas turbine General efficiency increases slightly Limited
Steam cycle Higher steam pressures Limited
Process integration Improve heat integration Limited

Find the optimum between energy Limited

consumption in biomass drying

and gain in gasification step

Avoid compressor intercooling by Unknown
balancing compression before

and after gasification

Scale Larger scale decreases capital, labour Limited
and may be feedstock costs

Technological More experience with large scale High

learning gasification, logistics, more automation

K Costs may eventually be 0.038 €,00,/myre°, While cryogenic separation costs about 0.05 €5005/Myp (van

Ree 1992).

Green FT diesel at present is only competitive with fossil diesel when produced at a scale of at least
100 — 200 MWy, input, and when exempted from taxes. The competitiveness of future large scale FT
production strongly depends on the evolvement of an international biomass market, with large
quantities of biomass against low prices, and ongoing catalyst development. The technology roadmap
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towards such future is quite straightforward as on the longer term the technology will basically be
similar to that applied in this study. It can be expected that single devices may improve their efficiency,
and there may be continuing competition between dry gas cleaning and wet gas cleaning, solid bed FT
reactors and slurry reactors.

Two other biofuels, methanol and hydrogen, were previously studied by Hamelinck and Faaij (2001).
Produced at similar scale and biomass price (400 MWy, available technologies, 3 US$,001/GJ) these
fuels cost 11.6 and 10.9 €/GJ respectively. On the longer term, at large scale (2000 MWy,), with
advanced technologies, reckoning with technological learning and at a biomass price of 2 US$/GJ,
these costs decrease to 8.3 and 7.5 €/GJ. Although the recalled study cannot directly be compared with
the present one, it seems that FT diesel is more expensive both on the short and long term. Besides the
energy costs of the different alternative transportation fuels, other factors determine whether FT diesel
becomes a success or not, such as its applicability in existing distribution structures, improvements in
ICEV (internal combustion engine vehicle) technology, the availability of the FCV (fuel cell vehicle)
and realisation of its potentially high efficiency.
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7 Conclusion and recommendation

The technological and economic performances of all promising biomass to FT conversion concepts are
evaluated using one dynamic Aspen Plus flowsheet. The influence of each parameter or device, on
investment costs, FT and electricity efficiency and resulting FT diesel costs is directly visible.
Compared with the previous study done by Tijmensen, the present study offers flexibility to explore
these influences, the performance of system components is modelled more precise, heat, hydrogen and
oxygen are integrated in the flowsheet if applicable, and the economic analysis is done with greater
detail.

Total Capital Investment or TCI for a 400 MWy, input plant (or 168 MWgr yny), consisting of a 25 bar
oxygen fired gasifier, followed by a tar cracker and wet gas cleaning and a solid bed FT reactor with 70
% once through conversion, is about 286 M€. A high conversion (90% of CO+H;) can be realised in
once through mode by application of a large reactor. This results in higher capital costs, but since the
capital costs of the FT reactor are not crucial for the total capital investment, higher conversion leads to
lower FT diesel production costs. Overall efficiencies for the best performing systems are 40 — 45 % on
HHYV basis. With such systems FT liquids can be produced at 16 €/GJ.

System variations to the above named concept give the following insights:

= Removing the 30 volume % CO, fraction prior to the FT reactor improves both selectivity and
efficiency, but due to the accompanying increase in investment this does not result in lower
product costs.

= The efficiency for the dry gas cleaned concepts is slightly higher than wet cleaned concepts as less
steam is needed. This is outweighed by a slightly higher capital investment, such that the resulting
fuel price is the same.

= The oil scrubber effectively returns BTX and tars to the gasifier where they are cracked, but much
energy remains in methane, ethane and ethane, resulting in lower FT yields. The performance of
concepts with oil scrubber improves when adding a reformer, however, this turns out to be a more
expensive combination than a single tar cracker.

=  Application of a recycle loop instead of once through does not decrease the production costs: The
continuous temperature leaps and product leaps lead to both a low selectivity and a low overall
efficiency. Furthermore, the capital costs are high.

The FT liquids production costs for the short term are still about two to four times the production costs
for Fossil diesel. Fossil diesel costs strongly depend on the oil price, and could go up. Green diesel
could be exempted from excise duty and VAT (11.6 €/GJ and 3.5 €/GJ in the Netherlands) to value the
environmental benefits of green FT diesel. The combined effect possibly makes FT diesel from
biomass competitive with fossil diesel.

On the longer term (~15 years), more cost improvements are foreseen. The combined effects of larger
production scale (2000 MW,) and cheaper biomass (2 €/GJ) may bring the FT fuel production costs to
11.5 €/GJ. The technical and economical performance may be improved by for example developments
in oxygen production and gasification, application of catalytic tar cracking instead of thermal,
increased selectivity towards the desired product in FT synthesis. These technical developments
combined with technological learning (capital costs reduce with 15 % for the third generation plant)
bring the FT diesel costs to 9 €/GJ. These values for short and long term are comparable with the costs
found by Tijmensen. However, his short term biomass price assumed was 2 €/GJ (vs. 3 €/GJ in present
study), and his long term scale was 1600 MW, input (vs 2000 MWy,), so that effectively the short term
FT costs here, are lower than found by Tijmensen, and the long term costs somewhat higher.

The quality of the analysis depends partly on the model and partly on the economic parameters. The
influence of the model is most visible in the Fischer Tropsch reaction, where selectivity and conversion
rate are defined as a function of reactant concentration, ratio, pressure and temperature. The relations
for selectivity and reaction rate, as presented in Equation 4-2, Equation 4-4 and Table 4-2, are strong
simplifications of reality. However, they make the influence of process conditions on performance
quite visible and thus add an important improvement compared to previous work in this field. The
availability of more public accessible data of recent experiments, would improve the model.

The factored estimation method yields investment costs with an uncertainty range of + 30 %, resulting
in £ 3 €/GJpr. For several devices, insight in the factors that determine the investments is not available
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to the academic world. This makes it difficult to discuss improvement options and (esp. gasifiers) scale
up possibilities. The poor availability economic data in general, often leads to repeatedly quoting old
quotes, and losing the meaning of the economic numbers.

It is recommended that further research focuses on the further development of oxygen blown
pressurised biomass gasification, especially the larger scale applications, and that more insight is
acquired in the technical maximum of such gasifiers and the accompanying costs. Furthermore,
continuing fundamental catalyst development is necessary to couple a high selectivity (of only the
desired product) to a high conversion. And eventually the competitiveness of future large scale FT
production strongly depends on the evolvement of an international biomass market, with large
quantities of biomass against low prices.
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Annex A Oxygen production

Several options exist for the supply of large
amounts of oxygen, depending on required
amount and purity, see Figure A-1 and  Purity_

Figure A-2. Oxygen could be produced on- 98.5%

site by adsorption or cryogenic distillation

technology. Pressure Swing Adsorption Liquid

(PSA) is the preferred technology for lower :u;::::

purity oxygen (< 93.5 %). PSA has lower %%

investment costs, but a higher energy use,

which makes it suitable for maximally 120

— 150 tpd. Above this range — even for B8%

purity < 93.5 % — cryogenic air separation T |

is always more economical, the lower %0 525 10500  hsct/he
150 1500 30000  m3/hr

purity in that case would be achieved by
mixing 96.5 % oxygen with air

(Wiltenburg 2002). This means that there Figure A-1. A map of Air Products' oxygen supply capabilities:

is barely any cost advantage when the Liquid storage of truck delivered oxygen, on-site oxygen production

. through pressure swing adsorption, or cryogenic distillation (Air
same amount of oxygen is needed. Products 2002).
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Figure A-2. Cost of oxygen as a function of rate of use and supply mode (Kirschner 1999 in Uhimann's Encyclopedia
of Industrial Chemistry).

Investment cost data from several other studies are summarised in Table A-1 and Figure A-3.

Table A-1. Investment costs data for cryogenic air separation units from other studies in M€y0,.

Base costs Base scale R installation max scale Purity Remarks
(M€) (tpd) const. var" (tpd)?
Van Dijk et al (1995) 39.9 1000 0.8508 0% 0% 2000 99.5% 27 C, 1.2 bar
Williams et al (1995) 41.05 1000 0.712 45% 25% 1000 95 % -
Williams et al (1995) 47.22% 1000 0712 45% 25% 1000 995% -
Larson et al (1998) 26.88 1100 0.6 0% 0% 1100 unknown 135 C, 27 bar
Bechtel (1996)" 42.06 2037 0.7 73% 0% 2045 99.5% 27 C,12bar
Tijmensen (2002)°) 26.6 576 075 30% 576 95 % -
Tijmensen (2002) 27.99 576 075 30% 576 95% -

)
2)
3)
4)

Part of the installation costs are fixed and part decrease with scale, see Footnote under Table F-2.

Highest maximum scale found so far is 3200 tonne/day O, (Shell Bintulu Wilhelm et al. 2001).

Capital costs increase with 15 % to produce 99.5 % purity instead of 95 %.

Here base costs are ISBL, the installation factor includes offsites (OSBL), and HO Service and
contingency. The source does not mention working capital or start up costs.

Here base costs are “installed costs” (ISBL + engineering, CNH), the installation factor includes building
interest (5%), contingency (10 %) and start-up costs (5%). OSBL costs and working capital are not
mentioned by the source.

Capital costs increase with 5 % to produce 99.5 % purity instead of 95 %.

5)

6)
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Figure A-3. Cost lines for cryogenic air separation units in five different studies.

Clearly in the Table “base costs” plus “installation” do not necessarily resemble the total capital
investment, or TCI (see Annex F). Therefore these studies give a large range of total costs. Uhlmann's
Encyclopedia of Industrial Chemistry is an authoritative source of information. The 0.050 €/m’yrp
oxygen for a 3000 tpd supply (753-10° m*xp/yr) in Figure A-2 imply that the annual costs are 38 M€,
which includes the annual capital depreciation (13 % of total installed costs), O&M (4 %), and energy
costs (300 kWh/tonne or about 8.6 M€ annual), so that the total installed costs will have been about
173 ME. Therefore it is assumed that the cost lines by Tijmensen best represents the total capital
investment.

Between Northern France and Rotterdam (Netherlands) and at the US Gulf Coast, a unique oxygen
distribution pipeline is available (Air Liquide), when high purity oxygen (99.5% and up) is required
(see ). The pipeline ensures continuous and flexible oxygen delivery, and may offer cost advantages
(Wiltenburg 2002).
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Figure A-4. Air Liquide pipeline networks for industrial gases in Belgium (left) and US Gulf Coast. Large air
separation units and oxygen pipelines are indicated in blue (Air Liquide 2002).

Compression of oxygen requires a non-lubricated compressor, because oil and grease in contact with
oxygen, especially at high pressures, can ignite explosively (Air Products 2002; Wiltenburg 2002).
This kind of compressor costs 1.4 times as much as a lubricated compressor.
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Annex B FT synthesis

B.1  FT theory

Hydrocarbon liquid synthesis over iron or cobalt catalysts was invented by Fischer and Tropsch in the
mid 1920s and went through a lively history since (Sie and Krishna 1999; Schulz 1999; Dry 1981). In
wartime Germany and isolated South Africa, strategic arguments for liquid fuel production from coal
exceeded economic aspects. In the 1970s FT regained attention as a response to fading oil reserves and
oil boycotts. The actual interest in FT synthesis stems from environmental demands, technological
developments and changes in fossil energy reserves, e.g. the necessary conversion of remote gas into
shippable liquids.

B.1.1 athe chain growth probability, and Scs. the liquid selectivity

The Fischer Tropsch synthesis produces chains of different length and can be modelled as a chain
growth reaction of CO and hydrogen on the surface of a cobalt or iron catalyst:

cCO + 2H2 —> —CHz— + H20 Equation B-1

This reaction is exothermal, about 20% of the chemical energy is converted to heat, and gives a big
decrease in molar volume. Therefore the reaction is carried out intermediate temperature and pressure
(225 -1365 °C, 5 — 40 bar). Heat has to be removed to maintain optimum catalyst life and reaction rate.

Chain termination takes predominantly place as an olefin (Tijmensen et al. 2002). The variety of chain
lengths is determined by the probability that a hydrocarbon chain propagates or terminates, and is
described by the Anderson-Schulz-Flory (ASF) distribution. This simple statistical model predicts a
linear relationship between the logarithm of the molar amount of a paraffin and its carbon number. The
chain growth probability is expressed by the constant o.. The molar yield of a hydrocarbon with n
carbon molecules is:

C,=a""'(1-a) Equation B-2

with o = chain growth probability
n = length of hydrocarbon
C, = fraction of hydrocarbons having length n

The product distribution is shown in Figure B-1. Modern Fischer-Tropsch processes trend towards
higher selectivities: o approaches 1. The product with a high average molecule mass, is to be converted
to gasoline, Diesel and other products in the product recovery and upgrading section. Then Diesel fuel
selectivities approaching 80 % can be obtained (Schulz 1999).

100%

80%

CZO&

60%
C13'C19

C5'C12
40%

CsC,
20%

C4
0% ———

0.7 0.75 0.8 0.85 0.9 0.95 1

Figure B-1. FT product distribution for different a, calculated using Equation 2-3.
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In practice, product distribution differs significantly from the theoretical ASF distribution (Geerlings et
al. 1999; van der Laan and Beenackers 2000), this is mainly due to hydrogenolysis and reinsertion of
olefins at a growth site:

Cn + H2 d Cn_1 + CH4 Equation B-3
This causes an increase in C; and a decrease in Cs,; selectivity. Other deviations from the ASF
distribution are a lower than expected C, and an increased amount of C; and C,. Also, at very high
molecule mass selectivity may slightly increase (Tijmensen et al. 2002).

The ASF distribution is named as an inherent limitation for premium products (olefins, gasoline,
Diesel) selectivity (Bartholomew 1990), since a wide range of products below and above is co-
produced. Most attempts to circumvent the selectivity limitations have met with failure. Nevertheless,
there are new approaches involving shape selective supports, unsteady-state operation, and interception
of intermediates which show promise for improving selectivity beyond that predicted by ASF theory
(Bartholomew 1990).

Water, formed as primary product can react with CO to form CO, via the water gas shift reaction:
HZO + (0 < C02 + H2 Equation B-4

Generally speaking, the shift activity of cobalt catalysts is negligible (Maretto and Krishna 1999).

The reaction takes place in a three-phase system: gas (CO, H,, steam, and gaseous hydrocarbon
products), liquid product and solid catalyst. The amounts of syngas and product molecules that have to
be transferred between the phases are quite large: i.e. an order of magnitude larger than the amount of
hydrogen molecules to be transferred in hydroprocessing of oils. Therefore, great demands are placed
on the effectiveness of interfacial mass transfer in FT synthesis (Sie and Krishna 1999).

B.1.2 Influencing selectivity

The growth probability or selectivity, is largely catalyst dependent (Shell 2001) and depends
furthermore on temperature, local partial pressures of reactants and inerts, and the applied FT
technology (Dry 1981; Schulz 1999; Tijmensen et al. 2002). For example, o increases with decreasing
H,/CO ratio, decreasing reaction temperature and increasing pressure, and o is higher for Ru and Co
catalysts relative to Fe catalysts (Bartholomew 1990).

Reactants

The FT synthesis consumes H, and CO at a ratio depending on selectivity. With o = 0 the H,/CO
consumption ratio is 3, with a = 1 the ratio is 2. The other way around is also true: a lower H,/CO ratio
in the reacting gas increases the selectivity by decreasing the termination rate (Tijmensen et al. 2002).
Therefore the consumption ratio will be higher than the actual H,/CO ratio, hence the H,/CO ratio
shifts over the reactor length, and the selectivity will be different at different locations in the reactor, or
intermediate hydrogen injection is necessary to maintain the actual ratio. Additionally decreasing
H,/CO ratio decreases the catalyst activity and productivity (Tijmensen et al. 2002; den Uil et al. 2001)

The H,/CO ratio may be adjusted during the FT reaction by a water gas shift occurring on the catalyst
surface, or by reactant injection at different places in the reactor. Iron catalysts strongly enhance the
shift reaction, cobalt catalysts only slightly (see below). Shift during FT synthesis can be especially
useful to increase the conversion extent, while maintaining a relative hydrogen shortage for high
selectivity. It may be necessary to inject additional water/steam in the reactor. If the shift reaction in the
FT reactor is too fast, shortage of CO will decrease the selectivity and restrict the conversion.

A too high H,O/H, and CO,/CO ratio oxidises the Fe catalyst; it then undergoes attrition. This can
cause fouling/plugging of downstream filters and equipment, makes the separation of catalyst from the
oil/wax product very difficult if not impossible, and results a steady loss of catalyst from the reactor
(Adeyiga 2000). On the other hand too much CO can lead to coking effects on the catalyst. To
eliminate these problems the reaction extent is limited by a shortage of CO.

The presence of inert does not directly influence the selectivity, only by decreasing the partial pressure
of reactants (see below). It is assumed that all inert components (CO,, CH4, N,, Ar and light
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hydrocarbons) behave the same with respect to the FT reaction. With shift enhancing catalysts, CO, is
a reaction product, instead of an inert. Low concentrations of CO, are not expected to influence
selectivity or conversion and are considered inert. CO, can even be a reactant, if H,:CO > R as is the
case with syngas from the IGT+ gasifier.

Temperature

The actual selectivity is very different from that expected from thermodynamic calculations (Dry
1981). The influence of temperature on the selectivity is consistent for all F-T catalysts: High
temperature reduces the average chain length of the product molecules, favours selective methane
formation, and favours deposition of carbon and thereby deactivation of (particularly the iron) catalyst.
On the other hand high temperature favours a high reaction rate. As the FT process is strongly
exothermic, it is essential to keep isothermal process conditions to maintain a high reaction rate without
the adversities of influencing the reaction product. Therefore temperature control is a major subject in
reactor choice later (Schulz 1999).(Tijmensen et al. 2002).

The temperature, depending on the operation mode, ranges from 180 to 250 °C for the low temperature
FT, or from 300 to 350 °C for the high temperature FT.

(Partial) pressure
The FT process is generally operated at pressures ranging from 20 to 40 bar. Higher reactant pressure
leads to higher selectivity.

Catalyst type

Cobalt, iron, nickel and ruthenium catalyse the FT synthesis. Nickel, however, reacts with CO at
elevated pressures and its liquid selectivity is not appealing. Ruthenium is of high scientific interest,
being most active, working at the lowest reaction temperature (as low as 150 °C), and producing the
highest molecular weight hydrocarbons. Unfortunately its high price and limited world resources
exclude industrial application (Schulz 1999).

Iron based catalysts are cheap and exhibit a high selectivity to olefins, oxygenates, and light
hydrocarbons (Maretto and Krishna 1999). They have water gas shift activity, a favourable feature for
FT synthesis with CO-rich syngas, as usually is obtained from biomass gasification (Schulz 1999). The
catalyst can thus be operated at significantly lower H,/CO ratios, e.g. 0.6 — 1.0, compared to values of 2
for Co and Ru catalysts, without significant deactivation due to carbon deposition by the Boudouard
reaction (Bartholomew 1990). On the other hand Maretto and Krishna (1999) state that iron catalysts
deactivate rapidly due to coke deposition on catalyst surface and oxidative reactions. The activity of
iron catalysts decreases through product inhibition by water. This feature restricts the conversion
degree and necessitates a gas recycle operation (Schulz 1999).

The high density of iron sites per unit surface area will result in a higher intrinsic activity. But with
advancing conversion and increasing water partial pressure, this advantage over supported cobalt
catalysts disappears (Espinoza et al. 1999).

Cobalt catalysts have a negligible water gas shift activity (Maretto and Krishna 1999). They generate
higher molecular weight hydrocarbons (paraffinic waxes), promote hydrogenation and produce limited
amounts of oxygenates (Maretto and Krishna 1999). A sufficiently high CO partial pressure — even at
the catalyst bed end — should be maintained in order to avoid excessive methane formation (Schulz
1999). Today cobalt catalysts for FT Diesel production from natural gas are designed for a maximum
wax selectivity (Schulz 1999). With cobalt catalysts olefin readsorption on FT sites takes place and this
contributes significantly to the desired high wax selectivity (Schulz 1999). Cobalt catalysts have an FT
reaction rate more related to the ratio of the partial pressures of hydrogen/carbon monoxide, compared
to iron catalysts whose FT reaction rate is more related to the absolute partial pressures of the reactants.
Cobalt catalysts are thus more productive at lower space velocities and higher water partial pressures,
whereas iron catalysts are even inhibited by the produced water. These conducts allow cobalt to
achieve higher per pass conversions than iron (Espinoza et al. 1999). The higher conversions with
cobalt lead to a reduction of about 30 % in the capital required for FT section of the plant (Jager 1997).
The main disadvantage is that cobalt allows less flexibility with respect to the process conditions (Jager
1997).
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Cobalt catalysts are much more expensive than iron ones. This necessitates the significantly longer
operating life for the cobalt based catalyst (degradation is now practically eliminated) compared to the
iron based catalyst (Espinoza et al. 1999; Maretto and Krishna 1999; Schulz 1999). Furthermore cobalt
based FT catalysts have advantages for use in slurry reactors, compared to iron based catalysts
(Espinoza et al. 1999). No commercial slurry reactor is yet operating using cobalt based catalyst (only
iron so far), but the technology for preparation of cobalt based catalysts for slurry reactors is already in
place and results of tests and demonstration projects are promising (Espinoza et al. 1999).

FT catalysts can lose activity as a result of oxidation, sintering, fouling and poisoning. Oxidation is
only relevant for iron and then only under abnormal conditions: with high CO, and H,O partial
pressures. Water vapour clearly enhances the sintering rate of iron catalysts. During production the
pores of all catalysts will become wholly or partially filled with wax, which eventually slows down the
reaction rate. This calls for catalyst regeneration by solvent washing or cracking with hydrogen. At
high pressure, the catalyst activity decrease is slower, but also more difficult to treat. Both iron and
cobalt catalysts are poisoned by sulphur compounds as H,S, C,HsSH, COS and thiophene; the sulphur
content in the synthesis gas should be below 0.2 mg S/myp° (0.02 ppm) for iron catalysts (Dry 1981).
As both extensive cleaning and catalyst replacement have certain costs, there will be an optimum. For
cobalt catalysts, the maximum amount of sulphur in the feed is expected to be much lower.

Table B-1. Influence of the sulphur content of synthesis gas on the rate of activity decline for fluidised iron catalyst at
about 593 K (Dry 1981).

Sulphur in syngas mg S/myrp° Daily drop in percent conversion Catalyst half life (days)
0.1 very low -

0.4 0.25 277

2.8 2.0 34

28 33 1.7

Under the FT synthesis conditions normally used for nickel, cobalt and ruthenium based catalysts little
deposition of carbon occurs. Carbon monoxide deposits on iron at temperatures above 550 K by the
Boudouard reaction, resulting in particle swell, disintegration and ultimately plugging of the reactor
(Dry 1981).

B.2 Reactor type

There are three main kinds of FT reactors: the fixed bed reactor, the fluidised bed reactor and the slurry
phase reactor. Of all these reactor types commercial versions exist (Shell, Sasol, Exxon). Comparisons
between the reactor types are broadly found (Bartholomew 1990; Sie and Krishna 1999; Tijmensen et
al. 2002).

Fixed bed reactors are suited for low temperature FT synthesis (200 — 240 °C), aiming at a high
average molecular weight of the product (Schulz 1999). In fixed bed reactors, the particle size (> 1
mm) and its corresponding intraparticle diffusion can be a limiting factor for the overall reaction rate
and also increases the pressure drop. This large particle size is necessary to control heat removal.
Conversion of more than 70 % is possible, but to obtain an even temperature profile, conversion is
usually limited to 20-30 % per pass and the gas is recycled (Sie and Krishna 1999). The multi tubular
fixed bed reactor is for example used in the Shell Middle Distillate synthesis (SMDS) process.

Since the FT reaction is highly exothermic, gas-solid fluidised beds with their excellent heat transfer
and temperature equalisation characteristics seem very attractive. Fluidised beds also have the
advantage that small catalyst particles, e.g. of about 100 um, can be used. These are free from diffusion
limitation, contrary to the larger particles in fixed beds. However, a serious issue is the possibility that
heavy product deposits on the catalyst, causing particles to agglomerate and thus hampering
fluidisation. This can be overcome by operating above the hydrocarbon dew point, i.e. at high
temperature, low pressure, and low conversion. However, this in turn yields a low a (< 0.71) product,
and rules out the possibility of applying gas-solid fluidised beds for FT processes that produce much
heavier products than gasoline (Sie and Krishna 1999). Bartholomew (1990) states that fluidised beds
lead in system throughput per unit volume of reactor, but this is not confirmed by others since.

Also the slurry reactor is very well mixed and can thus operate isothermally. The absence of axial and
radial temperature gradients — present in fixed bed reactors — allows much higher average operating
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temperatures in the slurry reactor and hence higher reaction rates (Sie and Krishna 1999; Jager 1997).
Due to the small size of catalyst particles (50 um) intraparticle diffusion is not a limiting factor. For
high reactor productivity, the slurry reactor needs to be operated at high superficial syngas velocity and
highest handleable catalyst concentrations (up to 40 vol %). In the heterogeneous regime the hold-up
decreases and the bubbles are larger (1 to 10 cm compared to millimetres in the homogeneous regime),
but due to the continuous break-up and coalescence, the effective bubble diameter remains small and
the high gas-liquid mass transfer remains high (Sie and Krishna 1999). Reducing the overall
backmixing of the slurry phase, by staging, increases the syngas conversion per pass (above 0.95 is
possible) and the reactor productivity per unit of volume (Maretto and Krishna 2001). The isothermal
higher average temperature operation together with the more effective contact between the syngas and
the catalyst particles leads to higher production rates for the same overall reactor dimensions even
though the catalyst inventory in the slurry reactor is lower. Because all the catalyst is at more optimal
process conditions, not only are the yields per reactor volume higher, but the catalyst consumption per
ton of product is only 20 to 30 % of that of the fixed bed reactor (Jager 1997). Catalyst loading and
unloading in slurry reactors is much easier, activity can even be upheld by replacement during run (Sie
and Krishna 1999).

A slurry type reactor is much simpler in construction than the TFB reactor. The suspended cooling
coils and a gas distributor give a much cheaper arrangement than the tube and tube sheet arrangement
in the fixed bed reactor. Because of this the slurry reactor lends itself much better to scale up. At high
gas throughputs, the fixed bed reactor becomes very complex and mechanically difficult to
manufacture and the pressure drops across the tubes becomes excessive. The pressure drop across the
fixed bed reactor varies from 3 — 7 bar, depending on operating pressure, whereas it is less than 1 bar
across the slurry reactor (Jager 1997). Operating costs are much reduced (Jager 1997)

The maximum feasible capacity of the different reactors is not fixed. If the weight would be limited to
900 tonnes per reactor (for transportation) the multi-tubular fixed bed reactor has a capacity of 500
tonne/day, and the slurry reactor 1250 to 2500 tonne/day (= 20000 bbl/day) (Sie and Krishna 1999). At
present operating pressures of 25 bar, single slurry reactors with capacities of 10.000 bbl/day can be
designed. Still higher capacities at higher pressures are possible. The cost of a single 10.000 bbl/day
reactor train is about 25 % of that of an equivalent fixed bed system with six reactors (Jager 1997).

Overall, the slurry reactor appears to be the most efficient, economical system for production of light

olefins and gasoline and the best match for syngas form advanced gasifiers (Bartholomew 1990). The
slurry concept is regarded the most efficient process for FT clean diesel production (Schulz 1999).

Table B-2. Factors determining reactor choice.

Construction
Heat exchange

Solids separation

Gas-liquid separation
Reactant distribution

Catalyst settling or
agglomeration

Catalyst deactivation

Multi-tubular fixed bed

Complex”

limited conversion per
pass and large particle
size necessary to obtain
even temperature profile?
not needed?

Difficult?

The top region (where the
syngas enters) acts as a
sulphur trap, whereas in
the bottom region almost
no sulphur is found but
water inhibition plays a
more important role.

Fluidised bed

Excellent heat transfer
results in isothermal
conditions?

Filtering may be
necessary?

Foam formation occurs®
Automatically lateral
mixed?

Slurry Bubble column

Simple"

Excellent heat transfer
results in isothermal
conditions®

Filtering is necessary?

Automatically lateral
mixed”

Too low velocities may
lead to concentration
gradient, insoluble
materials may deposit on
catalysts and hamper
proper suspension?
Sulphur poisoning and
water inhibition have
evenly effect over the
reactor (continuous
circulation), leading to 1.5
— 2 times higher
conversion loss than in
fixed bed. High costs of
cobalt catalysts
necessitates a more




Loading/unloading

catalyst
Scale-up

Maximum capacity

difficult, shutdown
necessary”

relatively straight forward
by multiplying tubes?

on-line?

More complex and more
costly, empirical scale-up
througz;h demonstration
stage®

effective sulphur removal”
on-line?

Complex, but rational
scale-up possiblez’

2.5 — 6 times larger than
fixed bed (if reactor size is
weight limited)"?

2500 tonne/day (about
20,000 bbl/day) may be
achieved?

T
2)
3)
4)

Jager (1997).

Sie and Krishna (1999).
Van der Laan (2000).

Espinoza (1999).

FT synthesis cannot achieve in one step greater than 40 — 50 % selectivity for a given premium product
such as light olefins, gasoline. However, it is possible through a combination of two or three
reaction/separation stages to achieve selectivities on the order of 80 — 90 % for almost any desired
product (Bartholomew 1990).

Although in absolute terms the cost savings in the Fischer-Tropsch reactor section may be substantial,
their impact on the total plant economy may be modest (Sie and Krishna 1999). To achieve an
optimum in performance for the complete process, the catalyst and the reactor should be optimised in a
combined fashion (Geerlings et al. 1999).
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Annex C Mathematic relations

C.1  Reactant consumption ratio
The ratio in which CO and H, are consumed depends on the selectivity.

co + 3H, » CH, + H,O Equation C-1
2C0 + 5H, -» C,H, + 2H,O Equation C-2
3co + 7TH, —» CyHy + 3H,0 Equation C-3
4CO + 9H, —» C,H, + 4H,0 Equation C-4
5¢cO0 + 11H, -» CH, + 5H,0 Equation C-5
etc.

Short chains need relatively more hydrogen (H,:CO closer to 3) than long chains (H,:CO approaches
2). The ratio between reactant consumption is expressed by weighting the reactant consumption in each
of the above reactions by the selectivity towards that reaction:

“Ry, 3-(l-a)+5-a-(1-a)+7-a*-(1-a)+9-a’ -(1-a)+---

= 3 3 Equation C-6
-R, l'(l-o)+2-a-(l-a)+3-a" - (1-a)+4-a -(1-a)+--
Or:
2n+1)-a""
-Ry  3+5-a+7-a*+9-a’ +-- 21:( ) ,
R. 142-a13-a@+d-a 4+ & Fauaton &7
co a o o Zn_am
1
o0 0 o0 0
_r 2271 an 1+Zan—1 zan—l Zan
RHz __1 — 1 =2+ 001 :2-|——OO 0 Equation C-8
o don-a don-a Di(n+1)-a”
1 1 0
The power series are equal to:
- n 1
Za =— Equation C-9
0 1—0[
Z(n+1)-a” =Zn-a” +Za" Equation C-10
0 0 0

dna"=0+a+2-a’+3-a’ +4-a* +-=a-(142-a+3-a’ +4-a’ +---) Equation C-11
0

49



2
Zn-a" =a~(1+a+a2+---)~(1+a+a2+-~)=0{~[ZO¢"J
0

0

= , 1Y 1 a l-a 1
ZO:(VH—I).a :a.[l—aj +l—a :(1_05)2 +(1—a)2 :(l—a)2
Thus

1
o l-a
_Rco 1

(1-a)f

C.2 Relation between a and Cs. selectivity

First in molar fractions.

aCn :a"_l.(l_a)
Aes, =1—Qcy =y —Qy — gy
tps, =1-a"-(1-a)-a'-(1-a)-a*-(1-a)-a*-(1-a)

Qps, =l-l+a-a+a’ -a’ +a’ -a’ +a'* =a*

Equation C-12

Equation C-13

Equation C-14

Equation C-15

Equation C-16

Equation C-17

Equation C-18

Similarly it can be deduced that selectivity towards all chains longer than a C atoms is expressed by:

_ a1
aCaJr =a

Equation C-19

The Cs, selectivity is often expressed in mass fraction Scs.. A molar fraction f is expressed by a mass

fraction S
M-
M total

with M; = average molar mass of the fraction f
Mtal = average molar mass of the total mixture

Using the average molecular mass for C,., as deduced in Section C.4.

SC :MCa+.aCa+
" MCl+
14-a+(14a+2)-(1—a).aa_1
g - (1-a) _(14-a+(14a+2)-(1-a))-a*
Cor = 14-a+16-16-c N 16-2-a
(1-a)
4
5. ain-a)a' D-Ba . 36-29a .
16-2-a 16-2-a 8—a
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Equation C-21

Equation C-22
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It is difficult — if not impossible — to express a exactly as function of Scs.. However, Equation F-23 can
be approached by F-24 (Louw 2002). The fit is shown in Figure C-1.

—m Equation C-24
-a

alpha scs+

Figure C-1. Scs+ as function of a (left), and vice versa (right). Diamonds express the exact relation of Equation F-23,
crosses express the fit of Equation F-24 and F-25.

The approached expression for o becomes:
a=0.75-0373-,/-log(S.s. ) +0.25-S ., Equation C-25
Via similar ways follows any weight selectivity from o

M, a., (14a+2)~(0¢"‘1 (l-a)) (7a+1)-(0{“‘1 —2a+a”“)

Se, = Equation C-26
“ Mtotal 16_2a 8_a
-

C.3  Hydrogen deficiency in hydrocracking

All Cy: chains are hydrocracked to a length of preferably C,, and maximal C,y:

C20H42 + H2 —> 2C10H22 Equation C-27
CH, + H, —» C,H,, + CiH, Equation C-28
CeHy + 3H, — 3C H,, + CjHy Equation C-29

The number of hydrogen atoms needed in the hydrocracking process to cut a chain into smaller parts is
called the hydrogen deficiency. C,g.,9 chains have a deficient of 1 H,, C;¢.39 chains have a deficient of 2
H,, etc. Using Equation F-19:
Acro-19 = a’ -a” Equation C-30

The average hydrogen efficiency can thus be expressed by:
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0 o0
1 1 1 1 1 1
Zn~(a0"+9—a0”+9) Zn-a9-a0"—2n-a9-a0"
_ 0 0
o 9

D, =-
H
: a’ a
0
(ao _a19)_zn.a10n .
- 0 _(1_0). 10
Dy, = 5 —(1 a ) dna
a 0

D, :(I—S)'in-s” _(=s)s_a"-a”

0 - (l—S)2 _(l—alo)z

Dy, is average deficiency per chain.

C.4  Average molecular mass

For all chains with n C atoms holds the following selectivity and molecular mass:

CzCn = an_l (1 - a)

M. =12n+2n+2

All chains that have @ C atoms and longer, therefore, have average molecular mass:

0

M — a — a

> (14n+2)-(1-a)-a"" (1—a)-i(14n @ +2-a"")

Ca+ a—1

a a

(l_a)'i(14-(n + a)-a””‘l +2.a"+“—1)
0

a-1

MCa+ = a—1
o
(1-a)-a"-Y (14n-0" +14a-a" +2-a")
MCa+ = 0 a—1

a

Ca+

(I—a) —a
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Iy =(1—a)-(14- ¢ (14a42) ] j:14-a+(l4a+2)~(l—a)

(1-a)

Equation C-31

Equation C-32

Equation C-33

Equation C-34

Equation C-35

Equation C-36

Equation C-37

Equation C-38

Equation C-39



Annex D

Unit modelling assumptions

Table D-1. Unit modelling assumptions.

Steam dryer”

General

Heat exchanger'*? Ap/p = 2%; Thor — Tcowo > 10K

Compressor‘” T]Isentropic = 0781 T]mech = 1
Compression ratio is same for each stage, maximum is 4, such that outlet temperature
does not exceed 250°C; Intercooling to 25 °C — 130°C, last stage no duty
Oxygen compressor: 1 — 6 bar: 7.2 kW,; 1 — 25 bar: 16.8 kW,

Pretreatment

Specific heat consumption is 2800 MJ/twe, or 0.95 kg steam at 12 bar 235 °C
(extracted from steam cycle) per kg moist evaporated
specific electricity consumption is 65 kWh./twe

Cryogenic Oxygen production®

Electricity consumption is 0.3 MWh/tonne O,

Gasification

Gasification at 1.3, 6, or 25 bar, with oxygen, enriched air, or air.

Composition of produced gas in Table 4-1.

Gasification of recycle flows and scrubbed tar is modelled as partial oxidation with
gasification medium at gasification pressure (Gibbs minimisation reactor), equivalence
ratio is set = 0.3

Gas cleaning section
Cyclones

Tar cracker

Tar scrubber

Quench scrubber®”

Hot Gas
Cleaning®®
Particle filter
Guard beds

Remove ash and carbon prior to tar cracker/tar scrubber.

Aplp = 2%

Partially combusts the fuel gas with pure oxygen to supply heat for cracking reaction.
Cracker is fed by same medium as gasifier, such that the exit temperature is raised to
1300 °C. Modelled as two subsequent reactors that are adiabatic connected (2% heat
loss): 1) Formation of char (C) 0.5 % of carbon in feed by Calculator TARCRC; 2)
Gibbs equilibrium of all components except char.

Tars are scrubbed from the gas by oil, and recycled to the gasifier. First the gas stream
is cooled to 400 °C with heat exchange for steam raising. Then all components CgHs
and Cq4H4 are splitted from the main stream at 100 °C by means of the ECN oil
scrubber. Cooling energy is transferred to the oil, and is considered lost. Oil loss is
0.003 kg/kg syngas and ends up in the gasifier. Ap/p =2 %

Modelled as Two Outlet Flash drum

1 m® water per 1000 m® gas

Q=0W
Aplp = 3%
Tin =400 °C
Aplp =15 %
Aplp=2%
Aplp = 1%

Gas processing

Autothermal Reformer®

Shift Reactor”

PSA system"'?

ATR1 provides heat ATR2 requires

Tin = 550°C

adjust ratio ATR1/ATR2 to T, = 1000°C

Overall 2 mole steam injected per mole carbon; some gas streams do not require
additional steam for reforming

ATR1: Stoichiometric Reactor: complete combustion of all components, using
stoichiometric amount of same medium as in gasifier. T = 1000°C. Ap = -0.5 bar
ATR2: Gibbs free energy minimisation Reactor; 2% of CHy is inert; Ar and N, are inert;
C,H4 and C,Hg react completely

steam =3 * CO - H,0

Part of stream splits to SHIFT reactor such that ratio (H, — CO,) / (CO + CO,) = 2.05 +
0.02 after downstream Selexol

Modelled as Gibbs free energy minimisation Reactor

Tin =330 °C

T approach = +10°C

Q=0W

Ap =-0.5 bar

Inerts: CH4, C2H4, CzHe, Ar, Nz

Steam injected is 3 * CO - H,O

system operating at 14-28 bar, 40°C

recycling 80%

PSA-A

Ap =-0.35 bar

100% CO, + H,O adsorption

desorption at 1.3 bar

PSA-B

Ap =-0.35 bar

adsorption of all gas but 84% of H,

desorption at 1.3 bar
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Ceramic Membrane™ '

Selexol" '?

steam = CO-H,0O

system operating at elevated pressure: 20 bar or higher

Tin = Touw = 800 °C

Catalytic molecular sieve: shift all CO on surface to H,, therefore H,O:CO => 1 at
entrance, transport 95 % of H, and 0% of others to product stream
Product at 1.2 bar

Ap depleted stream = -0.1 bar

98% of CO, and 100% of H,O separation

Tin=127°C

Ap =-0.5 bar

CO, released at 1.5 bar

Chemical Reactors
FT reactor

T =230 °C, Ap = -2 bar
Product flows follow from Calculator FT
Reaction heat raises LP 6 bar steam for steam cycle

Product upgrading
Distillation

HydroCracking'

Light component = CgqHyo; recovery in distillate = 99%

Heavy component = CoHy; recovery in distillate = 1 %

Stages = 15

“Partial condensor with all vapor” or “Total condensor”

Boiler heat (at ~ 250 °C) extracted from steam cycle:

46.15 tph steam of 34.5 bar/368 °C — 25 bar/324 °C per MW boiler heat
T =490 °C

Cracking: C20H42 + Hz — ZC1OH22 and C32H66 + 2H2 — 2010H22 + C12H26
Hydrogen supplied by shift+PSA or CM

Reaction heat supplied by steam cycle

Power generation
Advanced Gas
Turbine™

HRSG"™

Steam raising

Steam Turbine

Compressor
pfue\ = pair = 30 bar
T]isemropic = 091
Nmech = 0.99
Combustor modelled as Gibbs minimisation reactor
Identify reaction products: H20, CO2, 02, N2, AR
Ap=0bar,Q=0W
T after turbine expander = 550 + 2 °C by adjusting Air
If this 550 °C can not be achieved by GT alone, duct burning is applied with 2 %
excess air
Expander: p = 1.2 bar
TNisentropic — 0.89
Nmech = 0.99
T after heat exchanger = 100°C
Gas Tou = 100 °C
Water Ti, = 15 °C
With heat at temperatures >550 °C cooled to >100 °C
water 88 bar/15 °C is turned to steam 86.2 bar/510 °C
1.022 tph steam per MW heat transferred
With heat at temperatures >200 °C cooled to >100 °C
water 6.2 bar/15 °C is turned to steam 6 bar/169 °C
1.232 tph steam per MW heat transferred
Heat at temperatures lower than 100 °C is not used in the steam cycle
Steam of preferably 86.2 bar/510 °C is expanded to 0.04 bar/29 °C
Intermediate steam extraction and injection is possible at 61 bar/455 °C;
34.5 bar/373 °C; 25 bar / 331 °C; 12 bar/246 °C; 6 bar/175 °C; 1.3 bar / 107 °C

TNisentropic = 0.89; Nmech = 0.99

Composition oxidation medium in volume %

Air

Oxygengg su

Enriched

Oxygengse,

0,=20.75%
H,O =1.01 %
CO,=0.03 %
N2 =77.29 %
Ar=0.92 %
0,=99.5%
N2=0.5%
0,=80.0%
composed from 79.8 % oxygengsy, and 20.2 % air
02 =95 %

Nz =5%

T
2)
3)
4)
5)
6)

7)

Katofsky (1993).

Consonni and Larson (1994).

Tijmensen (2002).
Walas (1987)

Stora dryer, Pierik and Curvers (1995)

The energy use of oxygen production is taken 300 kWh per tonne O; (99.5 %) (van Dijk et al. 1995; van

Ree 1992).
Perry et al. (1987)
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8)

9)

10)

11)

12)

13)
14)
15)

Only pressure drop is relevant here, since no contaminants are modelled.

Autothermal reformer operates at 20 — 70 bar, 850 — 1100 °C, steam to carbon ratio ranges from 0.5 to 3.5
(Christensen and Primdahl 1994). Oxygen is set stoichiometric for oxidation part of ATR. Equilibrium
towards syngas is better at lower pressures.

Air products PSA technology can selectively separate CO and/or H2 from a product gas (Air Products
2002).

Ceramic membranes modelled as hydrogen separation device or HSD (developed by Oak Ridge National
Laboratory). Operation at high temperature, surface has shifting capabilities (Fain 1997; Adcock et al.
1999; Delallo et al. 1998; Parsons I&TG 1998).

Actually, half of the CO, would be released at 1 bar and half at 4 bar. The net energy demand of a 436
tonne of CO; per hour unit amounts 9 MW, (Hendriks 1994).

The hydrogen efficiency of cracking is high and no extra hydrogen is needed.

Van Ree et al. (1995).

HRSG after GT or boiler. The flue gas can be cooled down to 100 °C without corrosion problems, since the
gas is expected to contain less than 100 ppb sulphur (van Ree et al. 1995).
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Annex E

Flowsheeting options in Aspen Plus

Table E-1. Calculators, all are Excel workbooks

Name Description User interaction
AIRGT2 Calculates and writes the stoichiometric amount of air needed in Reveal when duct burning
the Gas turbine, only when duct burning is applied to raise necessary. Combines with
temperature before HRSG. DesignSpec TGT2.
FT Calculates selectivity and reaction speed from temperature, Choose solid or slurry type.
pressure, CO+H2 concentration and H2/CO ratio. Set conversion or set
Writes product distribution to FT reactor. reactor dimension.
Writes reactor size to PERFORM.
GASIFR-1 Writes gasifier syngas flow from database to flowsheet. Choose gasifier medium
Writes amount of oxygen 95 % or 99.5 % to PERFORM. and pressure.
Writes amount of steam to STEAMCYC. Set scale
Writes medium type and steam/ox ratio to GASIFR-2. (default 400 MW4,).
GASIFR-2 Regulates amount of oxygen and steam for gasification of recycle Set equivalence ratio
flow and scrubbed tar. (default = 0.3).
HYDROGEN Calculates necessary hydrogen for hydrocracking. Choose hydrogen
Writes necessary steam for WGS. separation technology
Directs gas flow. Shift+PSA or Ceramic
Membrane.
OXATR Regulates amount of oxygen for Autothermal reformer. -
PERFORM Reads flow and component dimensions from flowsheet.
Calculates economic performance.
Writes to summary table.
PRESHEAT Regulates pressure and heat losses, and necessary compression. -
RECYCLE Direct flows throughout plant by setting splitters. Choose between No
recycle, Short recycle, and
Long recycle.
STEAMCYC Writes plant steam supply and demand to steam cycle. -
WSCRUBBR Calculates water flow size to scrubber. -

Table E-2. Design Specifications.

Name Description User interaction
OXTARCR1 T exit Tar cracker 1 approaches 1300 °C by adjusting oxygen in Hide or reveal depending on
cleaning train chosen.
OXTARCR2 T exit Tar cracker 2 approaches 1300 °C by adjusting oxygen in “
CHTARCR1 5 % of Carbon in fuel becomes elemental C (char) *
CHTARCR2 5 % of Carbon in fuel becomes elemental C (char)
HX402 T hydrocracker approaches 490 °C by adjusting T feed stream. -
TATR T exit Autothermal reformer approaches 1000 °C by adjusting Hide or reveal depending on
oxygen in ATR use
TGT1 T before HRSG approaches 550 °C by adjusting amount of air to Hide when duct burning
GT necessary
TGT2 T before HRSG approaches 550 °C by adjusting duct Reveal when duct burning

necessary. Combines with
Calculator AIRGT2
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Annex F Estimating capital investment

Many methods for estimating capital investment are used in the chemical process industry, methods
that differ in detail level and accuracy and that differ in approach; a valuable overview is given by
Peters and Timmerhaus (1980). In the present study we apply the Study estimate or Factored estimate,
based on knowledge of major items of equipment; it has a probable accuracy range up to = 30 %
(Peters and Timmerhaus ). This method was also applied in previous work of Hamelinck (2001) and
will not be explained in detail here. Hamelinck (2001) presented an overview Table with system
component costs. In the present study a similar Table is used with extensively reviewed data relevant
for FT production, Table F-2.

The total installed capital costs for a certain unit consist of various direct and indirect costs as shown in
Table F-1. Equipment costs found in literature are often ill defined, and may be anywhere between
f.o.b. and total installed capital. Also the applied percentages for additional costs differ greatly between
studies. Of course these percentages depend on the specific location: OSBL costs in industrial area may
be lower since the necessary infrastructure is readily available, a Middle East location will differ
greatly from a Western Europe location. All the factors to calculate TCI from purchased equipment are
very dependent on scale, as ISBL relatively decreases with scale because of increasing process
integration and OSBL decreases because certain offsites have a fixed same scale for both small and
large plants. However, it is never explained how. Peters and Timmerhaus remark that factors should
only be used when more accurate data are not available. Knowing this, it is tried in Table F-2 to strictly
define the base costs and the overall installation factor for each unit separately.

Table F-1. Ratio factors for estimation of Total capital investment costs based on f.0.b., purchased equipment, or
installed equipment.

Peters and Timmerhaus (1980) Faaij Williams (1995)
(1998)"
ordinary chemical solid-fluid
plant processing
plant
fo.b.?
shipping and insurance
Direct costs (DC) ISBL®  Purchased Equipment” (PE)
Installation 25— 55 % of PE 39 % of PE
Installed Equipment (IE)®
Instrumentation and controls 6 — 30 % of PE 13 % of PE 5 % of IE
Piping, installed 10 — 80 % of PE 31 % of PE 4 % of IE
Electrical, installed 10 - 40 % of PE 10 % of PE 7 % of IE
Buildings, process and auxiliary 10 — 70 % of PE 29 % of PE 1.5 % of IE
Civil works 10 % of IE
OSBL®  Connection to grid / utilities 5% of IE
Yard improvements” 10 % of PE 0.5 % of IE
Service facilities } 40-100 % of PE 55 9 of PE
Land (if purchase is required) 4 -8 % of PE 6 % of PE
utilities / auxiliaries 25 % of IE
subtotal = Direct costs (DC)
Land 1% of DC
Indirect costs (IC) Engineering and supervision 5-30 % of DC 32 % of PE 15 % of DC
Construction expense o 34 % of PE
Contractor's fee 6-30% of DC 18 % of PE
Contingency 5-15 % of FCI 36 % of PE 10 % of DC 20 % of DC
Building interest 10 % of DC
Fees / overheads / profits 10 % of DC 10 % of DC
subtotal = Indirect costs (IC)
Fixed capital investment (FCI) DC+IC
Working Capital (WC) 10 — 20 % of TCI 74 % of PE 10 % of DC
Start-up (SU) 5 % of DC 5 % of DC
Total Capital Investment (TCI) FCI+WC DC+IC+WC DC+IC+SU DC+IC+WC+SU
Which is 266 — 1136 % of PE 487 % of PE 200 % of IE 183 % of IE
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2)

3)
4)

5)
6)
7)

The given factors hold for a 29 MW, output BIG/CC plant and the direct costs depend on scale:
Instrumentation and control 0.3, piping 0.7, electrical systems (or electronic equipment) 0.3, buildings 0.65,
connection to grid 0.2, civil works 0.65 (Faaij et al. 1995).

Free on board: the price of a traded good after loading onto a ship but before shipping, thus not including
transportation, insurance, and other costs needed to get a good from one country to another (Bannock et

al. 1998); cost of equipment ready for shipment from supplier.

or onsite.

Also called purchase equipment delivered, delivered equipment costs, or c.i.f.: cost, insurance, and freight,
the price of a traded good including transport cost, meaning that a price includes the various costs, such as
transportation and insurance, needed to get a good from one country to another (Bannock et al. 1998).

or installed hardware.
or offsites.
or site preparation.

Table F-2. Costs of system components in M€z ".

Unit Base cost Scale Base Scale Overall Maximum
Factor installatizc;) Size %
n factor
Pre-treatment
Conveyers ¥ 0.41 0.8 33.5 wet tonne/hr 2.0 110
grinding ¥ 0.48 0.6 33.5 wet tonne/hr 2.0 110
storage 1.16 0.65 33.5 wet tonne/hr 2.0 110
dryer? 8.5 0.8 33.5 wet tonne/hr 2.0 110
iron removal ¥ 0.43 0.7 33.5 wet tonne/hr 2.0 110
feeding system >% 0.48 1 33.5 wet tonne/hr 2.0 110
Gasification System
CFB gasifier ¥ 443 0.7 68.8 dry tonne/hr 1.69 75
Air separation unit 99.5 % 0,” 27.9 0.75 576 tonne/day O, 13 3200
Oxygen compressor”’ 18.1 0.85 13.2 MW, 1.86 -
Gas Cleaning
Tar cracker ¥ 3.6 0.7 34.2 m%s gas 2.0 52
Oil scrubber ¥ 1.64 0.7 14.7 m’\rels gas 1 -
Cyclones ¥ 3.0 0.7 34.2 m¥s gas 2.0 180
High-temperature heat exchanger ? 8.1 0.6 138.1 MWy, 1.84 -
Particle filters ¥ 1.9 0.65 12.1 m%s gas 2.0 64
Scrubbers ¥ 3.0 0.7 12.1 m%s gas 2.0 64
Dry gas cleaning 10) 35.8 1.0 741 m’s gas 1.86 -
Guard beds (ZnO + active C)"" 0.024 1.0 8.0 m’\re/s gas 3
Syngas Processing
Compressor '? 12.9 0.85 13.2 MW, 1.86 -
Autothermal reformer *® 31.1 0.6 100 m3yrels 2.3 -
Shift reactor ™ 12.2 0.65 8819 kmol CO+Ha/hr 1.81 -
PSA units A+B ' 32.6 0.7 9600 kmol feed/hr 1.69 -
Ceramic membrane '® 25.2 0.8 17 tonne Ha/hr 1 -
Selexol CO, removal " 63.0 0.7 9909 kmol CO/hr 1 -
Fischer-Tropsch Production
Solid bed gas phase FT 60 bar '® 25.3 1 208 m® 1.30 -
Slurry phase FT 60 bar ' 36.5 0.72 362 m’ 1 365
Product upgrading 2” 233 0.7 286 m’/hr 1
Power Isle 2"
Gas turbine + HRSG > 22.0 0.7 26.3 MW, 2.0 -
Steam turbine + steam system 823) 5.9 0.7 10.3 MW, 2.0 -
Expansion turbine 2% 5.0 0.7 10.3 MW, 2.0 -

2)

3)

4)

5)

6)

7)

Annual GDP deflation up to 1994 is determined from OECD (1996) numbers. Average annual GDP
deflation after 1994 is assumed to be 2.5 % for the US, 3.0 % for the EU. Cost numbers of Dutch origin are
assumed to be dependent on the EU market, therefore EU GDP deflators are used. 1 €302 = 0.88 US$2002.
Total pre-treatment approximately sums up to a base cost of 11.46 €5, at a base scale of 33.5 tonne
wet/hour with an R factor of 0.79.

Based on first generation BIG/CC installations. Faaij et al. (1995) evaluated a 29 MW, BIG/CC installation
(input 9.30 kg dry wood/s, produces 10.55 myte° fuel gas/s) using vendor quotes. When a range is given,
the higher values are used (Faaij et al. 1998). The scale factors stem from Faaij et al. (1998).

Two double screw feeders with rotary valves (Faaij et al. 1995).

Direct costs are 29.74 MUS$499; for a 1650 dry tonne/day input IGT gasifier, R = 0.7 (Williams et al. 1995).
Maximum input is 400 MWy, HHV (Tijmensen et al. 2002).

Various cost numbers with a large distribution are found in literature (van Dijk et al. 1995; Williams et al.
1995; Larson et al. 1998; Bechtel 1996; Tijmensen et al. 2002), see Annex A. Here the cost number from
Tijmensen (2002) is used because it bests fits the real oxygen cost price (Kirschner 1999): Direct costs are
27.9 M€y, for a base scale of 576 tpd oxygen of 99.5 % purity, 1 bar, the overall installation factor is
constant 30 %, R = 0.75. It is assumed that oxygen of 95 % purity is 5 % cheaper; oxygen of 80 % purity
for the scale considered here, will always be mixed from 95% O, and air, and thus barely has cost
advantages. The highest maximum scale found to date is 3200 tpd (Shell Bintulu, see Wilhelm et al. 2001)
Because of explosion risk, oxygen is compressed in a non-lubricated compressor, which is 1.4 times more
expensive than lubricated compressors (Livingston 1993).
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OLGA technology (Boerrigter et al. 2002). Cost numbers are assumed by the authors.

High temperature heat exchangers following the gasifier and (in some concepts) at other locations are
modelled as HRSG’s, raising steam of 86 bar/510 °C. A 39.2 kg steam/s unit (i.e. transferring 138.1 MWy,)
costs 6.33 MUSS$.g f.0.b., overall installation factor is 1.84 (Larson et al. 1998), which is assumed to
consist of 22 % added direct costs (vary with scale) and 50 % added indirect costs (constant), see note 25.
Tijmensen (2002) assumes the f.0.b. price for Hot Gas Cleaning equipment to be 30 MUS$2, for a 400
MWy, HHV input. This equals 74.1 m*/s from a BCL gasifier (863 °C, 1.2 bar). There is no effect of scaling.
The installation factor is taken from Faaij et al. (1998) but for 400 MWy, input scale (decreased added direct
costs), see footnote 25.

For 427 MWy, LHV biomass input concepts Tijmensen (2002) assumes that 1 wt% of the fuel S enters the
Zn0O bed, and two guard beds of 3 m?® are required. These beds consist of 2300 kg steel, at a steel price 20
Dﬂzogo/kg, so that each guard bed will cost 50.000 Dflyg f.0.b., or 150.000 Dflyg0 installed. Tijmensens 70
MWy, LHV (13 dry tonne/hour biomass, assumed gas yield 100 kmol/dry tonne) corresponds to a local gas
flow of 8.0 m°re/s.

Katofsky (1993) assumes compressors to cost 700 US$1993 per required kWnmeen, With an installation factor
of 2.1. The relation used in the present study stems from the compressor manufacturer Sulzer quoted by
Tijmensen (2002). At the indicated base-scale, total installed costs are about 15 % higher than assumed by
Katofsky. Multiple compressors, for fuel gas, recycle streams, or hydrogen, are considered as separate
units. The installation factor is taken from Faaij et al. (1998) but for 400 MW, input scale (decreased added
direct costs), see note 25.

Hamelinck (2001) based on Katofsky (1993) assumes 4.7 MUS$,001 with an overall installation factor of 2.3
for an 1390 kmol total/hour (8.8 m’\re/s) unit, R=0.6, where Bechtel (1991 1994) gives a total capital
investment of 20.52 MUS$49, for an ATR unit of 364.7 MMscfd (120 m NTp/s) gas feed, which is almost
twice as costly. Here we assume the average between the two: 31.1 M€ total capital |nvestment for a 100
m’wre/s unit, R=0.6. The installation factor is assumed to consist of variable direct costs (53 % in base
case) and fixed indirect costs (50 %), see note 25.

Cost numbers from Williams (1995) are used: 9.02 MU$,g95 for an 8819 kmol CO+H,/hr reactor, overall
installation factor is 1.81 and R = 0.65. Hendriks (1994) writes that a reactor of 350.000 m’\rp/hr total gas
(CO+H, is 93.3 %, this gives 14.6 Mmol/hr CO+H,) costs 30 MUS$,cq installed (no R given) which
corresponds with the line from Williams. Hendriks also gives an annual (sulphur tolerant) catalyst use of 0.7
MUSS$1004, but considers this to be part of the operational costs. Numbers from Tijmensen (2002) are
considered too low: 0.95 MDflyge for direct costs plus engineering (add 30 % to obtain total capital
investment) for a 2400 kmol/hr unit, R = 0.6.

PSA units (excluding the recycle compressor) cost 23 MUS$g93 for a 9600 kmol feed/hour throughput,
R=0.7 (Katofsky 1993).

Membrane costs 68 US$g9;/(kW/bar), but these costs are only 9 % of the total installed cost for a
Hydrogen Separation Device. Investment costs stem from Parsons I&TG (1998). The economies of scale
of the membrane surface are low because the required surface area is proportional to the throughput, this
slightly influences the overall R factor of the complete HSD.

Costs for CO, removal through Selexol amounts 14.3 MUS$.43 fob (overall installation factor is 1.87) for an
810 kmol COy/hr unit, R=0.7 (Katofsky 1993) up to 44 MUSS$1ge, installed for a 9909 kmol CO,/hour unit
(Hendriks 1994). The value from Hendriks is assumed to be right, since his research into CO, removal is
comprehensive.

FT Gas phase reactor operating at 40 bar costs 35 MDfl,q (direct costs + engineering) for a production of
100 MWer HHV (CO conversion = 150 mol/s, and —Rco = 6.03-10™* mol/s-kges;, thus reactor volume is 208
m® CNH), R = 1, there is no maximum scale, add 30 % to obtain total capital investment (Tijmensen et al.
2002). For operation at 60 bar and same volume, costs increase by 50 % (reactor with thin wall: thickness
linear with pressure).

19.995 MUS$ 1996 ISBL or 34.6 MUS$,g06 “Total Costs” (includes offsites, HOService/Fee and contingency)
here assumed to be total capltal investment, for a FT slurry reactor train of three 362 m® reactors at 25.2
bar, each yielding 295 m FT/day or 131 MW¢er (Bechtel 1996), the installation costs of one 362 m® reactor
thus is 15.2 M€,q02. Operation at 60 bar makes the installation 2.4 times more expensive (see note 18).
Tijmensen (2002) assumes that a hydrocracking unit has installed costs (=Total capltal investment, CNH)
of 17.05 MDflyo0 (8.22 M€20,) per 2000 bbl/day or 11352 GJcs« per day (13.2 m /hr) but does not specify
further, his source is confidential. Accordmg to Bechtel (1996) a wax hydrocracking plant of 475 Mibs/hr of
FT diesel+gasoline product (286 mgr/hr) costs 71.5 MUS$1ees total capital investment, furthermore a
distillate hydrotreater (29.1 MUS$1406), @ naphtha hydrotreater (9.8), a naphtha reforming plant (49.3), a C,
isomerisation plant (7.2), a Cs/Cs isomerisation plant (11.2), a C3/C4/Cs alkylation plant (41.2), and a
saturated gas plant (9.2) are necessary, thus summing up to 233 M€,y,. Thus upgrading costs in Bechtel's
study are 1.3 - 3.3 (at R = 1 - 0.7) times Tijmensen’s values. Here we assume that the Bechtel numbers
are right.

For indication: A complete Combined Cycle amounts about 830 US$4g97 per installed kW,. Quoted from
(Solantausta et al. 1996) by (Oonk et al. 1997).

Scaled on Gas Turbine size.

Steam system consists of water and steam system, steam turbine, condenser and cooling. Scaled on
Steam Turbine size.

Expansion turbine costs are assumed to be the same as steam turbine costs (without steam system).
Overall installation factor. Includes auxiliary equipment and installation labour, engineering and
contingencies. Unless other values are given by literature, the overall installation factor is set 1.995 for a 70
MW, scale (Faaij et al. 1998). This value is based on 33% added direct costs to installed equipment
(instrumentation and control 5%, buildings 1.5% grid connections 5%, site preparation 0.5%, civil works
10%, electronics 7%, and piping 4%) and 50 % added indirect costs to direct costs (engineering 15%,
building interest 10%, project contingency 10%, fees/overheads/profits 10%, start-up costs 5%). The added
direct costs part of the overall installation factor decreases with scale (average R-factor is 0.82).

Maximum sizes from Tijmensen (2002), unless indicated otherwise.
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Annex G Concept calculations data
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